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SUMMARY

Assessment of domestic heavy crude oil and tar sands bitumens as

potential sources of military aviation turbine fuels encompasses

definition of the size of the resource, identification of suitable

processing routes, and determination of the suitability of the fuel thus

produced. This report presents the results of the first phase of such an

assessment. The work included an estimation of the magnitude of the

resource and the selection of a processing sequence for further

investigation. Successive program phases propose to demonstrate the

process sequence on a laboratory scale and then on a pilot plant scale,

to provide appropriately sized samples for comprehensive testing, and to

refine estimates of turbine fuel manufacturing costs.

Review of recent surveys of the domestic heavy oil and bitumen resources

indicates numerous scattered deposits are known, while a large proportion

of tnese resources is found in a few major concentrations:

Billions of barrels Major

Type Resource Reserve locations

Heavy oil 33 5-20 Calif. Texas

Bitumen 25-53 5 Utah, Texas

The degree of confidence in these totals varies. The amount of heavy oil

in the ground (the resource) is relatively firm. However, the amount

that can be recovered (the reserve) is highly dependent on the prevailing

economics and recovery technology required. The estimates of tar sands

in place are far less definite, a reflection of the lower level of

interest in bitumen over the years, for other than construction

applications. The indicated five billion barrels of recoverable bitumen

represents, at best, a "safe" rule-of-thumb estimate that at least ten

percent of what is in the ground ought to be recoverable.
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SUMMARY (Cont'd)

Compared to current DOD oil consumption of about 0.2 billion barrels per
year, these reserves appear capable of producing a significant fraction
of the armed forces needs, if their successful conversion to military

fuel products can be assured.

As substitutes for conventional petroleum crude oils, heavy crudes and
bitumens pose significant processing challenges. Conversion to usable
transportation fuels generally requires 1) removal of, or reduction in,
high levels of contaminants such as trace metals and non-hydrocarbons

(e.g. sulfur, nitrogen), 2) reduction in molecular weight to achieve
satisfactory vaporization, and 3) an increase in the hydrogen-to-carbon

ratio to achieve acceptable combustion quality.

The proposed processing scheme accomplishes this conversion in two steps,
viz. 1) upgrading the feedstocks to intermediate streams, which more
closely resemble conventional petroleum crude oils, and 2) refining the
intermediate streams into finished fuel or fuel blending components.
Four different upgrading processes were considered. In each case, the
upgrading process was integrated with a combination of refining
processes--naphtha hydrotreating plus distillate hydrocracking--which had
been selected for its ability to deliver maximum yields of aviation
turbine fuels. Selected low grade feedstocks, consisting of tar sands
bitumens from either New Mexico, Kentucky, or Utah, or a heavy crude oil
from California, were considered. They were upgraded by either 1)

delayed coking 2) hydrovisbreaking, 3) the proprietary Asphalt Residual
Treating (ART) process or 4) fixed bed catalytic hydrotreatment.

Process operating conditions and yield structures were projected for
individual processing units, based on published information, in-house

experience and vendor quotations or estimates. Case studies were

generated for various combinations of feedstock and upgrading process,
and the results of the technical and economic analyses compared.
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SUMMARY (Concluded)

The outcome of these estimates was a clear advantage for the hydrovis-

breaking dpproach. It provided higher JP-4 yields and lower bottom-of-
the-barrel yields than did the delayed coking, ART, or resid hydrotreat-

ing technologies. As a consequence, the projected fuel cost to achieve a

satisfactory capital return was favored by the hydrovisbreaking process.

These benefits are achieved at slight disadvantages in overall refinery

thermal efficiency and total capital investment.

Projected fuel costs for the process scheme which included hydrovisbreak-

ing ranged from $57.4/bbl (1.37 O/gal) to $65.5/bbl (1.56w/gal) for the

three bitumen feeds, when feedstock costs $25/bbl. When processing the
California heavy crude, also priced at $25/bbl, estimated JP-4 fuel cost

was $44.5/bbl (1.06 O/gal) using essentially the same process sequence.

The sharp difference between the costs of bitumen-derived JP-4 and heavy

crude-derived JP-4 is not so much a feedstock effect as it is a refinery
size effect. The bitumen refineries were sized at 7,500 BPSD capacity;

the heavy crude refinery, 50,000 BPSD.

It was recommended that the program continue into the second phase, which

consists of laboratory scale demonstration of the recommended process

route, using hydrovisbreaking in the upgrading step. This will allow

confirmation of the process estimates and preparation of small prototype
fuel samples.
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FOREWORD

This report presents the results of a study performed by the Applied
Research Uepartment of Sun Tech, Inc., d subsidiary of Sun Company. The
program was supported by the Aero Propulsion Laboratory of the Air Force
Wright Aeronautical Laboratories under Contract No. FJ3615-83-C-2352,
awarded 8 July 1983. It addresses the technology of converting tar sands
bitumens and heavy petroleum crude oils into aviation turbine fuels for
military use.

The work was performed at the Sun Tech Marcus Hook, Peoinsylvania labor-
atories during the period 8 July 1983 through 9 April 1984. The Air
Force Project Engineer during this period was Captain William E.
Harrison, III AFWAL/POSF. The Sun Tech Program Manager for the period 8
July 1983 through 31 December 1983 was Mr Henry E. Reif. On 31 December
1983, Mr Reif was succeeded by Mr Alfred F. Talbot. This report was
released by the authors in December 1984. Tne Program Managers wish to
acknowledge the valued contribution of their co-workers, Messrs V.
Elanchenny, L. H. Finkel, A. Macris, and J. P. Schwedock, as well as the
efforts of D. M. Clark in preparing the manuscript.

Tne Program managers also express their appreciation to Captain William
E. Harrison for his continued encouragement and assistance in meeting the
various technical, administrative and logistical challenges associated
with the project.

This interim report describes the results of tne first poase of a planned
three-phase assessment of the potential for producing military aviation
turbine fuels from domestic deposits of tar sands bitumens and heavy
crude oils. Phase I consisted of a preliminary screening of several
combinations of upgrading and refining processes, based on published
descriptions or in-house familiarity with these processes. This study
led to identification of a recomnmended processi-ng route, for further
evaluation.

It is planned that in Phases II and III, experimental results will be
obtained in laboratory and pilot plant scale equipment, respectively,
when applying the selected processing sequence to a variety of poor
quality feedstocks. Prototype turbine fuel samples, appropriate to the
scale of the experimental dork, will be prepared for evaluation by the
Air Force in both Phase II and Phase III.
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SECTION I

INTRODUCTION

Current national energy policy emphasizes reduction ir, petroleum consump-

tion as an effective means of reducing uncertainties in the future avail-

ability or price of petroleum crude oil. However, a sudden and prolonged

disruption of only a few million barrels per day of crude oil during an

international political crisis could seriously threaten global stabil-

ity. The resultant increased demand for aviation and diesel fuels would

be reinforced by a several-fold increase in U. S. Department of Defense

daily consumption, tiie result of increased activities oy our military

forces.

Currently, dnnualized domestic refining throughput is about 11.7 million

barrels per day, equivalent to 74% of operating capacity (Reference 1).

However, of the total U. S. petroleum supply of some 16.2 million barrels

per day, about 5.3 million barrels per day, or roughly 33%, represents

imports of either crude or products. Dwindling domestic petroleum pro-

duction is reflected in current rates which show that the year-to-year

increase in refinery supplies of 1.24 million BPD was exceeded by the

1.46 million BPD increase in petroleum imports (Reference 1). Thus,

domestic crude production did not keep pace, but decreased slightly. As

tnis shortfall widens, security of supplies is increasingly threatened.

The United States has significant reserves of coal, shale, heavy crudes,

and tar sands. Coal, because it is more hydrogen deficient than either

shale oil or bitumen, is more difficult to convert into transportation

fuels. Therefore, it is used mainly as a utility fuel and for producing

metallurgical coke.

The extraction and subsequent upgrading of oil from western shale is

about to get underway in Colorado on a demonstration scale of about
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10,000 barrels per day. While the bulk of the fuel to be produced is

committed to Department of Defense use, the quantity involved is small in
comparison with total Department of Defense oil use of about 500,000

barrels per day.

To date, of the domestic heavy oil resources known to exist, only a small
proportion are being produced, mainly in California. These crudes,

having specific gravities in the range of 14-20 °API, are currently being
processed into transportation fuels in refineries designed specifically

for very low quality feedstocks. However, the refinery processes em-
ployed produce largely motor gasoline, while aviation turbine fuels, if
produced at all, represent only a minor proportion of the product slate.

Presently, commercial production of bitumen from tar sands in this

country is quite modest, although a number of pilot scale facilities have
been planned or briefly operated. Leasing and development activities

suggest significant commercial production from tar sands is unlikely be-
. fore the early 1990's. By contrast, two tar sands plants are in com-

mercial production in Alberta province of Canada, producing a synthetic
crude oil from bitumen having a specific gravity in the range of 8-12

-API.

The first commercial extraction and upgrading plant, Great Canadian Oil
Sands, Ltd. (a Sun Company subsidiary) started operation in 1967. The

production capacity is now about 58,000 barrels per day of synthetic
crude. The second plant, Syncrude, Ltd., is located next to the Great

Canadian Oil Sands, Ltd. property. It started commercial production in
1976 and is designed to produce about 125,000 barrels per day of syn-

thetic crude. both use a hot water process to extract bitumei from sur-

face-mined tar sands.

*. Although small by Canadian standards, U. S. tar sands deposits, coupled
* with heavy oil resources, could become a supplemental source of fuels for

* the Department of Defense, if not for the entire nation. However, since

current refinery processing schemes are geared more for the production of
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gasoline boiling range fuels, the suitability of these routes for ef-

ficiently producing high quality aviation fuel must be demonstrated.

This program undertakes this assessment, as expressed in the following

generalized program objectives:

- to identify a preferred processing scheme for producing JP-4 or

JP-8 from bitumens/heavy crudes.

- to demonstrate its performance by supplying fuel samples at both

laboratory and pilot plant scale.

- to perform an economic analysis of the fuel manufacturing ven-

ture, based on the preferred processing scheme.

- to determine the sensitivity of fuel selling price to variations

in fuel quality produced by varying processing severity.

It is intended that this investigation be carried out in three discrete

phases, as described below:

Phase I - Preliminary process analysis includes an eval-

uation of the potential of domestic tar sands and heavy oil

resources to help satisfy the nation's requirements for

military transportation fuels; screening of candidates, and

selection for further investigation, of a preferred pro-

cessing route for conversion of these low quality feed-

stocks into high quality, finished fuel products; and pre-

liminary estimates of fuel manufacturing costs based on the

selected processing schemes. The sensitivity of the pro-

cessing scheme(s) to design parameters such as feedstock

source, projected product slate, and plant capacity is also

to be examined.

Phase II - Laboratory sample production - includes inves-

tigation and definition of the principal operating var-

iables for the major processing steps comprising the recom-

mended process scheme identified in the Phase I studies;

small samples of prototype fuel made according to the

-3-
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recommended processing scheme are to be prepared for eval-

uation by the Air Force; adjustments, as necessary, to the

Phase I preliminary estimates of fuel costs will be made to

reflect results of the laboratory tests.

Phase III - Pilot plant testing, final design and economics

includes confirmation of the laboratory-estimated process

operating parameters in continuous type pilot plant

studies; development of design bases for detailed com-

mercial plant cost estimates; economic analysis of fuel

costs, including sensitivity to various economic assump-

tions; estimates of cost/quality/processing tradeoffs for

production of fuels of varying quality; and preparation of

pilot-plant sized samples of both specification and var-

iable quality fuels.

Comprehensive contractor reviews at the conclusion of Phases I and II

allow timely decisions on whether to proceed to the next succeeding pro-

gram segment.

This report presents the results of Sun Tech's efforts in the Phase I

portion of the program, consisting of the following elements:

Phase I - Preliminary Studies

Task Activity

1 Resource Assessment

2 Evaluation of Upgrading Methods

3 Refining Process Selection

4 Process Flow Schematics

5 Plant Capacities and Costs

6 Cost Estimates

Where appropriate, results of several tasks have been combined for im-

proved organization and presentation, in the following report sections.

-4-
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SECTION II

RESOURCE ASSESSMENT

1. Background

Published long-range predictions of oil supply-demand through the year

2000 are understandably diverse, depending as they do on each fore-

caster's set of assumptions. While postulated rate of economic growth

remains a basic economic element, more recent projections attempt to

factor in the effect of supply disruptions resulting from such political

influences as wars, revolutions, or other events. Absent these ex-

cursions, current expectations are that growth in oil demand for the last

twenty years of this century will be modest by historic standards, pos-

sibly amounting to only about 10% (Reference 2).

Regarding supplies, declines in production from the North Sea and the

United States are not expected to be fully offset by production increases

elsewhere, while "synthetic oil" from alternative sources is expected to

add little to the overall supply. Thus, one frequently held scenario is

an increased U.S. dependence on oil imports from the OPEC countries.

From one source, an approximate doubling of imports into the U.S. between

now and the year 2000 is projected (Reference 3). Coupled with rising

demand from other importing nations, the production capacity of OPEC, and

especially the critical Arabian Gulf countries, could be strained by that

time. Clearly, even modest contributions from alternate sources could

play a significant strategic role in insulating this country from

unfavorable geopolitical developments in the Middle East.

As the largest single user of petroleum products in the United States,

the Department of Defense, and in particular the U. S. Air Force, is

especially vulnerable to disruptions in the supply of petroleum crude.

Development of alternate energy sources based on domestic resources is a

necessity, if true national security is to be realized. This assessment

of domestic tar sands deposits and heavy crude oil reservoirs serves to

-5- .I
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define the potential of these fossil resources to supply a portion of the

aviation turbine fuel requirements of the Air Force.

The processing of heavy crude oils and tar sands bitumens represents a

significant step change from the dependence on sweet, light crudes typ-

ical of the 1970's petroleum refining industry. However, trends in the

direction of lower crude quality have already begun. Depressed demand

has resulted in shut-down of older refining capacity, which was designed

for the higher quality feedstocks. In addition, large volume production

start-up from Mexico, Alaska and the North Sea has backed out higher

quality OPEC crude. Year-to-year changes in average crude run as cal-

culated by the U. S. Department of Energy confirm upward trends in both

crude sulfur content and specific gravity (Reference 3).

As a result of the above influences, the extent of poor quality domestic

resources is now being examined in greater detail than it had been in the

past. Some deposits have been known for decades, but until recently

there was little incentive to define the extent and quality of the con-

tained hydrocarbons. Several comprehensive studies have been published

recently, addressing both the heavy crude and tar sands resources, and

were the principal sources of the information which follows (References

4, 8).

2. Terminology

For clarification, definition of some of the more frequently used terms

is presented below:

Heavy crude oil Petroleum crude oil which has a specific gravity of

200 API or less, and is mobile, i.e., it has a vis-

cosity of 10,000 centipoise or less, at the reservoir

temperature. A sub-category of extra heavy crude oil

is sometimes defined as that crude oil which has a

specific gravity of 10° API or less, yet still exists

as a mobile liquid in the reservoir. Since only a

-6-

..r



small proportion of heavy crude oil qualifies as extra

heavy, no distinction is made in this discussion.

Bitumen Hydrocarbon deposit which is essentially immobile,

i.e., has a viscosity exceeding 10,000 centipoise, at
the reservoir temperature. It will usually have a

specific gravity of 12° API or less when extracted

from surface mined tar sands. However, bitumen pro-

duced by thermal in-situ methods may have a specific
gravity of up to 20" API, depending on the method of

recovery and the severity of the recovery operation.

Similarly, bitumen recovered by solvent extraction

technique, wherein solvent removal is incomplete, may

no longer display original or in-situ properties.

Tar sands A deposit of bitumen intimately associated with min-

eral matter in either a consolidated (rock-like) or

unconsolidated (sand-like) state. Unlike shale de-

posits, in which the organic material (kerogen) can

only be separated from the mineral by undergoing chem-
ical decomposition (retorting), the bitumen in tar

sands is separable by physical means such as solvent

extraction or flotation.

Synthetic crude Sometimes also referred to as syncrude, the term is

usually used to denote a hydrocarbon mixture with some

properties similar to petroleum crude oil, but which

has been prepared by upgrading another substance such

as bitumen, oil shale, or coal. Depending on the

source and upgrading process, however, there may be

only a passing resemblance to conventional petroleum
crude oil.
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Resource The quantity of hydrocarbon that exists within a de-
posit or reservoir, without regard to the technical or
economic practicability of its recovery. The estimate
or calculation is based on sufficient data (core anal-
yses, outcroppings, geological patterns) that there is
a high probability that the hydrocarbon exists, in at
least the volumes indicated.

Speculative An estimate of the amount of hydrocarbon that may exist
resource within a geographical area, but for which the avail-

able data are not sufficient to categorize the area or
deposit as a resource. May also be referred to as
undiscovered or poorly-known resource. In this re-
port, the term is used only in connection with the tar
sands estimates.

Reserve An estimate of the amount of hydrocarbon within a
deposit or reservoir that is recoverable, based on
current technology and economics. For many tar sands
deposits, these criteria are not well defined, and
sometimes an arbitrary assumption is made that the
reserve quantity amounts to 10% of the resource fig-
ure. Heavy oil reserves, on the other hand, are
treated somewhat differently by investigators, re-
sulting in the following two categories of reserves.

Proven reserves Hydrocarbon contained within a heavy oil resource, for

which there is a high probability that it can be pro-
duced under the conditions of 1) application of pri-
mary recovery methods, only, and 2) a market value for
the oil of approximately $25/barrel.

Potential Hydrocarbon contained in a heavy oil resource, for
reserves which the probability of recovery is substantially

lower than for the proven reserves, for one or more of

-8-
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the following reasons: 1) geological data is less

comprehensive, 2) secondary or tertiary recovery meth-

ods may be required, or 3) recovery costs are not

expected to be supported by a market price of approxi-
mately $25/barrel.

3. Heavy Oil

a. Size of the resource

Numerous heavy oil reservoirs are located primarily within the several

mid-continent and western states wherein substantial reservoirs of con-

ventional (i.e., gravity >200 API) crude oils are also found. Many are

too small to support commercial recovery operations. In this compil-

ation, a significant resource is considered as containing more than one

million barrels of heavy crude oil. The summation of these significantly

sized deposits is currently estimated at about 33 billion barrels.

The distribution of this heavy oil resource, by state, is shown in Table

1. As indicated, the greatest accumulations are found in California and

Texas, which account for over three-fourths of the total. Of these 33

billion barrels, it is estimated that no more than about 6%, or 2 billion

barrels, fall in the category of extra heavy crude oil (i.e., gravity

.100 API), and so this class has not been separately tabulated.

Table 1 also includes current estimates of heavy crude oil reserves, both

proven and potential. The former total 5 billion barrels, i.e., crude

considered recoverable applying current technology and economics. An

additional 15 billion barrels of potential reserves have been estimated,

which may be recoverable under a somewhat more liberal set of technologic

and economic assumptions.

Recent industry statistics help place these heavy crude oil resource and

reserve estimates in perspective. At year-end 1980, proved domestic

-9-
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crude oil reserve estimates were 29.8 billion barrels, while estimated

undiscovered recoverable crude oil resources were 82.6 billion barrels

(Reference 6).

Much of the heavy crude oil resource is concentrated in a few very large
reservoirs. Table 2 lists some of the specific pools and their respec-

tive sizes.

Given the nigh proportion of heavy oil resources located in California,

it is not surprising that California also dominates in the proportion of

heavy crude produced. Current production of heavy crude oil is estimated
at about 0.22 billion barrels per year or 640,000 barrels per day

(Reference 4). Of this, some 85% is produced from fields located in

California. This production rate is still relatively modest, however,

compared to current annual domestic refinery crude runs of about 5
billion barrels per year or 13 million barrels per day. Thus, current

domestic heavy crude oil production accounts for possibly 5 percent of

the total domestic refinery crude run, but it is more than equal to the

Department of Defense consumption rate.

b. Heavy oil quality

By definition, heavy crude oils are those with specific gravity less than
200 API, as compared to more conventional crude oils which have specific

gravities in the range of 25 to 45° API. Certain physical and/or chem-
ical characteristics are generally associated with heavy crude oils that

influence, usually detrimentally, their handling and processing. In

addition to these general characteristics, others can be identified that

may have an equal or greater impact on crude processing. These prop-

erties may or may not fall outside the range usually found for conven-

tional crudes, and are highly specific to the particular reservoir.

Accordingly, the impact on handling and processing is less certain and

may vary widely.

-10-
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Table 3 lists some of the more prominent within these two categories of

feedstock properties. Under general characteristics, heavy crude oils

typically will have relatively high pour points and viscosities. Thus,

for acceptable flowability or pumpaoility, it may be necessary tnat they

be diluted, or heated and maintained hot. These same two properties will

result in less efficient heating, as well. As crude density approaches
that of water (specific gravity = 1.0, or 100 API), desalting and/or

dewatering of the crude aefore processing becomes more difficult. Fur-

ther heating or addition of a lower boiling diluent may be required to

achieve reasonable phase separation rates and to prevent formation of

intractable emulsions.

The higher densities characteristic of heavy crude oils arise from tne

higher proportion of high molecular weight compounds present. Many are

highly coidensed systems, not volatile enough to be distilled. Accord-

ingly, the heavy crudes contain much lower proportions of distillate

fractions and have nigher residuum contents.

Chemical bonds must be broken in order to reduce the boiling points of

tne nign moleculdr weigoit compounds to a range suitable for fuel use.

The bigger and more populous these high molecular weight compounds are,

the more extensive the chemical conversion must be. The degree of dif-

ficulty of this task can be correlated with the asphaltene content or

with tne amount of carbon residue which is left after destructive dis-

tillation.

Heavy crudes contain non-hydrocarbons, the concentrations of which appear

to be specific to a certain reservoir or strata, and not necessarily

characteristic of the entire class. They will, however, contribute to

the processing requirements. High concentrations of heteroatoms (i.e.

sulfur, nitrogen, and oxygen) are undesirable in finished fuel products

because they are usually associated with poor thermal or storage sta-

bility, corrosiveness, or increased emissions upon combustion. There-

fore, processing must be adequate to reduce these compound types to

-11-

. . ... . . . . . ... -



acceptable levels. In many cases, processing in a hydrogen atmosphere is
required.

Heavy crude oils may also contain trace metals (e.g., iron, nickel, van-

adium) in organic form and in quantities significant enough to be a prob-

lem. Those compounds contained in refinery stocks tend to be of low

volatility and are usually retained in vacuum gas oil or residual frac-

tions. However, when present in feed to a processing unit, they can foul

equipment, catalyst, or finished products, causing costly shutdowns. If

amounts contained in fuel products are too high, combustion equipment is

also liable to fouling and corrosion.

Table 4 lists some physical and chemical characteristics of a selection

of domestic heavy crude oils. The percent distilled at 745°F figures are

low and the carbon residue contents are relatively high for all. How-

ever, it is also apparent that there are significant differences among

other properties which prevent treating all heavy crude oils as a group.
For example, the ratio of sulfur content to nitrogen content ranges from

over 20:1 at one extreme to nearly 1:4 at tne other.

c. Heavy oil upgrading

During the past five years, refiners in the U.S. have invested over 6.7

billion dollars to modify and/or install new equipment to handle heavy/

sour crudes. The following processing capacities were installed during

this period:

Coking/resid hydrodesul furization 900,000 BPSD

Fluid catalytic cracking 900,000 BPSD

Middle distillate hydrodesulfurization 800,000 BPSD

Catalytic reforming 280,000 BPSD

Alkylation/isomerization 160,000 BPSD

-12-
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Due to the depletion of sweet crude reserves and widening margins between

light and heavy crude oil prices, refiners have decided these huge cap-
ital expenditures to permit handling heavy crudes are justified. The
heavy oil upgrading processes vary from company to company, but basically

two approaches are employed -- carbon removal or hydrogen addition.

Usually, the heavy crude is first fed to a crude fractionation tower, the
bottoms from which are then upgraded by thermal or solvent processes to
produce gasoline, naphtha, kerosene, gas oil fractions, and reduced bot-

toms or coke. The distillate fractions may require hydrotreatment to
remove contaminants and to increase the carbon/hydrogen ratio. Depending
on the desired product slate, these fractions may also be further hydro-
cracked, catalytically cracked, or catalytically reformed to produce
premium fuels.

When cdrbon rejection type processes are employed to upgrade residual
fractions, the chemical reactions which occur produce an increase in the
hydrogen to carbon ratio in the more volatile liquid fractions. At the
same time, the resultant upgraded residue, which may be a pitch or coke,
contains increased levels of carbon, heteroatoms, and trace metals.

These low valued products can sometimes be disposed of as low grade

fuels, as construction materials or as gasifier feeds.

The chemical reactions may be carried out in a strictly thermal en-
vironment, or they may be catalyzed. In addition, some concentration of
the carbon, trace metals and contaminants can be accomplished by strictly

physical means such as extraction with selective solvents. Examples of
commercially demonstrated processes in each category are:

- Cracking, thermal

vi sbreaki ng

Eureka cracking

delayed coking

fluid coking

-13-



Flexicoking

ART process

Cracking, catalytic

heavy oil cracking

- Solvent refining

solvent decarbonizing

solvent deasphalting

ROSE process

DEMEX process

In hydrogen addition type upgrading processes, hydrogen is introduced

into the molecules, generally under conditions of high temperature and

high hydrogen partial pressure. Since hydrogen processing is costly, the

reactions are usually carried out more efficiently in the presence of a

catalyst, in one of several forms (e.g. fixed bed or expanded bed, pellet

or powder, supported or bulk).

Addition of hydrogen serves to saturate condensed aromatic ring struc-

tures, making them less susceptible to thermal reactions and consequent

coKe formation. Scission of carbon-metdl and/or carbon-heteroatom bonds

is necessary to liberate sulfur and nitrogen for capture from the gas

phase, and to reduce trace metals content. As a result, some low boiling

material is produced, the amount depending on the severity of the oper-

ation, which in turn depends on the amount and nature of the contaminants

in the crude. Crudes containing excessive metals can poison catalyst

active sites, and solvent demetallization or thermal hydrogenative pro-

cesses may be indicated.

If the principal emphasis in the hydrogenative processing is contaminant

removal, hydrotreating catalysts and processes are employed. When the

additional objective is molecular weight reduction, the process is known

as hydrocrackin,- and catalysts with high cracking functionality are

-14-



used. Examples of commercial processes, suitable for residual feed-

stocks, in each of the two categories, are listed below:

--2Hydrotreating

RCD Unibon

RDS & VRDS

Resid HDS

Residfining

Unicracking/HDS

Shell HDS

Hydrocracking

H-Oil
LC-Fining

VEBA-Combi -cracking

Many of the nydrogen addition processes are proprietary developments oy
member companies within the petroleum refining industry.

4. Tar Sands

a. Size of the resource

jNumerous deposits of bitumen-impregnated tar sands have been identified
in scattered locations throughout the southern and western United

States. However, of some 550 sites which have so far been identified,
less than fifty are considered to contain significant amounts of bitumen

(Reference 3). For the purpose of this review, a significant deposit is

considered to be one which contains at least 100 million barrels of

bitumen. This size would be sufficient to support a processing plant

with a nominal throughput of 5,000 barrels per day for a 20-year period,

if a nominal bitumen recovery of 33% could be realized (establishing this

size criterion is highly arbitrary; it implies nothing about the recovery

from a specific deposit).
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Major domestic deposits of tar sands occur in Utah, California, Kentucky,

Texas and Alabama. Since the production of bitumen from these deposits

is a relatively undeveloped technology in this country, many sites have

yet to be fully explored and the actual hydrocarbon content defined.

Thus, the bitumen resource data summarized in Table 5 are expressed as

either resource or as speculative resource, depending on the extent of

the available geological data.

As indicated in Table, 5, estimates of significant tar sands resources

total about 53 billion barrels. These consist of about 22 billion bar-

rels of Known resources and about 31 billion barrels of speculative, or

poorly known resources. Nearly half of the tar sands resource is located

in Utah. However, other factors (water rights, pristine area preser-

vation, remoteness) could result in more rapid development of the re-

source in other states which may implement more aggressive development

pol icies.

Estimating reserves for tar sands deposits is even more subjective than

preparing such est'mates for heavy oil reservoirs. From a practical

standpoint, each deposit would have to be thoroughly characterized with

respect to such parameters as resource size, depth of overburden, depth

of deposit, bitumen saturation, mineral (rock and clay) characteristics

and, of course, extraction efficiency. However, little of this

site-specific information has as yet been developed. Therefore, reserve

estimates for the tar sand deposits have been arbitrarily assumed to be a

uniform 10% of the resource. On this basis, tar sand bitumen reserves

are estimated to be in the neighborhood of 5 billion barrels.

In perspective, the estimated 5 billion barrels of bitumen reserves com-

pares with recent estimates for proved domestic crude oil reserves at

year-end 1982 of 27.9 billion barrels (Reference 9). At the indicated

production rate, this U.S. crude oil reserve represents about 9-1/2 years

supply.

Table 6 lists some of the specific reservoirs and their respective sizes

for those states with the larger and better defined resource.
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b. Nature of the resource

The characteristics of tar sands deposits can vary widely, and will im-

pact both the recovery technology and the processing technology. Qual-

itative effects can be projected, but specific processes will generally

be developed for each deposit. Deposit characteristics of concern in-

clude the following:

Overburden depth - for deposits with less than 100 feet depth of

overburden, surface mining of the sands, combined with bitumen

extraction methods may be applied. If deposits are more than
200 feet below the surface, in-situ production methods are

indicated. Approximately 90% of the tar sands resource is found

at depths greater than 100 feet, and thus unlikely to be surface

mined. Estimates of mining methods and costs have been

published (Reference 10).

Bitumen saturation - the richness of the deposit, or bitumen

content, directly impacts recovery economics, especially for

surface mined sands. Within any deposit, bitumen assay can

cover a broad range, so comprehensive, accurate ore analyses are

a must. The breadth of bitumen assays is illustrated by the

following:

Locale Wt.% bitumen

Alabama 3 - 14

California 8 - 12

Kentucky 4 - 7

New Mexico 2 - 6

Utah 7 - 17

Alberta, Canada <1 - 18
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A nominal bitumen content of 7 wt.% is equivalent to about 15

gallons of iitumen per ton of tar sand. It can be appreciated

that surface mining of tar sands becomes one gigantic earth mov-

ing operation. At an ore assay of 7 wt.%, at least 40,000 tons

of sand must be moved daily to yield 7,500 BPD of bitumen, and

that total does not include overburden.

Mineral properties - rock geology is an important factor af-

fecting bitumen recovery processes. For surface mined tar

sands, for example, unconsolidated sands require little pre-

treatment, whereas consolidated mineral needs extensive crushing

to gain access to the associated bitumen. For in-situ recovery

processes, the relatively high porosity and permeability of un-

consolidated sands will allow better flow of bitumen to the pro-

ducing wells.

Clay minerals can also be present in tar sand reservoirs, and

reduction of the clay content of the recovered bitumen can some-

times be more difficult than control of the amount of sand

present. This is because 1) the clay particles are extremely

small and settle very slowly, and 2) the tendency of clay par-

ticles to flocculate and settle as if they were larger particles

is highly sensitive to the pH of the aqueous medium used in some

recovery processes.

c. Mineral separation

The nature of the forces binding the bitumen molecules to the mineral

surface can also affect the type and efficiency of the bitumen recovery

process applied to surface mined sands. For deposits in which a thin

film of water is interposed between the sand grain and the bitumen,

water-based processes (hot water, cold water) are effective. In these,

the added water combined with shear forces tends to lift the bitumen film

off the sand grain. Bitumen is separated from the slurry phase by co-

alescing, gravity separation, or froth flotation, or by combinations

thereof.
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For deposits in which the bitumen film is in direct contact with the sand

granules, water is not a sufficiently strong solvent to overcome these

interfacial forces, and better solvents are often employed, either alone

or in conjunction with water. Thus, aqueous systems augmented by hydro-

carbon solvents such as naphtha, kerosene, or toluene are effective, as

are totally non-aqueous systems based on either hydrocarbon or chlor-

inated hydrocarbon solvents. Each technique introduces unique solvent

recovery challenges.

Other approaches to the --epayation of bitumen from mineral are being

studied. The various in-situ recovery methods accomplish the separation

within the deposit, in most cases by increasing the reservoir temperature

(steam flooding, in-situ combustion). The hydrocarbon viscosity is

thereby lowered sufficiently that the bitumen can be driven toward the

production wells. Some thermal conversion of the bitumen can occur dur-

ing this process, so the produced bitumen may have different properties

than the bulk reservoir, depending on the severity of the recovery pro-

cess.

Separation of the mineral from the bitumen has also been combined with an

upgrading step in some process configurations applicable to mined tar

sands. Retorting of the tar sands produces a liquid fraction not unlike

that obtained by coking the bitumen, while coke is deposited on the sand

granules. Thermal efficiency can be improved by subsequent combustion of

the deposited coke.

d. Bitumen quality

Compared to conventional petroleum crude oils, bitumens as a class may

display most, if not all, of the following characteristics:

- higher molecular weight, resulting in higher viscosity and high-

er specific gravity (lower API gravity).

- reduced content of lower boiling fractions, and increased con-

tent of higher boiling and non-distillable (e.g., >1000F) frac-

tions.
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- lower hydrogen to carbon ratio and higher asphaltenes content.

- higher content of heteroatom species (i.e., sulfur, nitrogen,

and oxygen compounds)

-- trace metals usually associated with asphaltene molecules (e.g.,

nickel, vanadium, and iron) are generally increased.

In addition, the bitumen may contain significant quantities of mineral
matter (sand or clay), depending on the specific deposit characteristics,

the type, and the efficiency of the bitumen recovery process used.

As a result of the above characteristics, converting bitumen to quality

liquid fuels becomes a considerably more severe operation than that re-

quired for conversion of conventional petroleum crudes. Although the

processing objectives may be the same, viz.

- separation of inorganic contamination (desalting, desilting)

- molecular weight reduction (cracking)

- reduction in heteroatoms and trace metals (hydrotreating, sorp-

tion, extraction)
- increased iiydrogen to carton ratio (hydrogen addition, carbon

rejection)

the pnysical and chemical operations that accomplish them must be carried

out under more extreme operating conditions.

In many respects, the conversion of bitumen to transportation fuels is

not unlike the conversion of heavy crude oil, and the processing tech-

niques described previously in Section II-3-C are generally applicable.

Because domestic tar sands have not been subjects of exhaustive explor-

ation or production, physical and chemical property data contained in the

literature may derive from only a few samples. Thus, some risk exists

that the reported data may not be representative of the entire resource.
Further, the method used to recover bitumen from mineral can influence

bitumen properties.
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With these qualifications, characteristics of bitumens from some of the

larger deposits have been collected in Table 7. Data are also included

for bitumen from the Athabasca tar sands, for reference purposes.

Perhaps the most striking feature of these data is their diversity.
Compared to the heavy crudes of Table 4, the bitumens are much less

volatile, less mobile, and produce considerably more carbon residue.
Heteroatom contents, however, fall in the same broad ranges as for the

heavy crudes.
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F. .---- -

SECTION III

PROCESSING TECHNOLOGY

1. Introduction

The purpose of this segment of the study was to evaluate the potential

of, and to recommend one of several candidate alternative processing

schemes for converting very low quality feedstocks into aviation turbine
fuel and other transportation fuels. The processing alternatives have

been broadly categorized as upgrading methods and refining methods, with

the following distinctions. Upgrading refers to that initial exposure of

feedstock to reaction conditions such that the physical and chemical pro-

perties of the material are significantly altered, compared to its

as-received condition. Upgrading excludes, then, such very important

preliminary operations as resource extraction, feedstock desalting, and

crude distillation.

Almost by definition, the products of the upgrading step do not meet the

yield or performance requirements of the end use application. Further

chemical conversion steps are required to refine the intermediate streams

into finished products. These secondary conversion processes have been

referred to as refining methods. The generalized processing scheme is

illustrated in Figure 1.

The study envisioned a grass roots integrated upgrading/refining oper-

ation, supplied the appropriate feedstock, and operated to produce max-

imum yields of JP-4 grade aviation turbine fuel. The recommended up-

grading process for detailed investigation in Phase II was to be selected

from one of four candidates. When suitably matched to selected refining

operations, it should be capable of converting each of the four heavy
feedstocks into high yields of acceptable quality turbine fuel. The pro-

cessing schemes did not include the resource extraction step. In prac-

tice, however, integration of the extraction and upgrading steps might be

highly advantageous, although the particular combination chosen would be

highly site specific.
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The upgrading options considered in this evaluation included:

- delayed coking
- hydrovisbreaking

- asphalt residual treating (ART process licensed by M. W. Kellogg

Co.)
- severe hydrotreating

These processes are described in inore detail in Sections 111-3 and IV-3

of this report.

Refining processes were selected on the basis of estimated character-

istics of the upgrader products, and on the ability of the refining pro-

cess to maximize the production of aviation turbine fuel. The options

chosen were specific to the boiling range of the fraction being refined:

Naphtha fraction Distillate fraction

Hydrotreating Recycle hydrocracking

or

Fluid catalytic cracking*

* for comparative purposes only

To obtain high yields of products in the JP-4 boiling range, naphtha

fractions from the upgrader were hydrotreated to obtain acceptable tur-

bine fuel blend stock properties. To these were blended liquids in the

same nominal boiling range which were produced by recycle hydrocracking

the distillate cuts from the upgrader. Since the hydrocracking operation

usually produces a liquid volume recovery exceeding 100%, liquid product

yields by this sequence would be expected to approach maxima. Further,

yields of residue or bottom-of-the-barrel products would be at a minimum.
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Included as a special case was a brief evaluation of a minimum fuel cost

process scheme, in which the slate of transportation fuel products more

nearly approached the manufacturing capability and consumption patterns

prevailing over most of the nation. This fluid catalytic cracking (FCC)

variant permitted comparison with the maximum aviation fuel cases which

comprised the bulk of the studies.

During the study, four different feedstocks were to be considered. Coup-

led with the consideration of four different upgrading processes and

other alternatives of interest to the Air Force (e.g. JP-4 vs. JP-8 man-

ufacture; multiple transportation fuels vs. all turbine fuels) the number

of potential case studies proliferated, and consideration of all possible

permutations became impractical. Therefore, only certain combinations of

feedstock, upgrader, refining, and product slate were included in the

case studies performed.

In addition to the above study parameters, the Air Force established the

following guidelines:

the processing route should be commercially viable and environ-

mentally acceptable

overall process thermal efficiency should be at least seventy

percent

production of residual products (coke, resid fuel) should not

exceed ten weight percent of feed.

catalysts should achieve reasonable life, e.g. one year.

Within these limits, Sun Tech has elected to employ non-proprietary pro-

cesses where feasible, to allow maximum disclosure of program details

such as pilot plant operating conditions, process yield patterns, and

catalyst compositions.
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2. Feedstocks

While the resource assessment described in Section II was being per-

formed, Sun Tech and the Air Force identified three domestic tar sands

bitumens which at the time appeared to have a high potential for at-

tracting commercial operators and large scale development. The bitumens

selected represent a range of geographical deposits as well as re-

covery/extracti on methods:

State Local e/Process

New Mexico Santa Rosa; solvent extraction

Kentucky Big Clifty; Kensyntar in-situ combustion

Utah P. R. Springs; solvent extraction

The fourth feedstock was to be a domestic heavy crude oil. The resource

assessment studies indicated it ought to be a heavy crude (specific

gravity between 10 and 200 API) rather than an extra heavy crude (spe-

cific gravity less than 100 API). Recent discoveries among the offshore
California reservoirs looked promising, but information on production

rates, and especially crude characteristics, was scarce at this early

stage in the development of these fields. It was decided, therefore, to

select a representative onshore heavy California crude, Santa Maria

Valley crude, which appeared similar to some of the larger offshore Cal-

ifornia discoveries.

Since samples of the four feedstocks had not yet been obtained, selected

published and unpublished sources were used to estimate their pro-

perties. For the bitumens, processing consisted of feeding the

as-received material directly to the upgrading unit. The California

crude, on the other hand, contained sufficient distillable material of

suitable volatility that crude fractionation was indicated. Therefore,

the heavy crude oil passed first through an atmospheric crude tower to

yield a straight run naphtha, an atmospheric gas oil, and a 650°F+ bot-

toms fraction. The 650°F+ bottoms fraction was processed through
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the upgrader, while the straight run fractions bypassed the upgrader and

were combined with comparable cuts from the upgrader, for downstream re-

fining.

Table 8 summarizes estimated physical and chemical parameters of the four

upgrader feedstocks, viz. the three full-boiling bitumens and the 650°F+

fraction of the Santa Maria Valley crudeI . They have certain general

features in common, compared to more conventional petroleum refinery

feedstocks. These characteristics include very high specific gravity,

very high proportion of non-distillate material, moderate to high nitro-

gen content, very low hydrogen content, and very high carbon residue.

Trace metals contents, particularly vanadium plus nickel, are within the

range of some conventional crudes, and even much lower than others. Ash

contents appear reasonable; however, these could vary widely depending on

the effectiveness of the bitumen recovery method employed.

Compared to the three bitumens, the atmospheric bottoms fraction of the

heavy crude has an even lower API gravity, higher sulfur content, but a

comparable nitrogen content. Based on other California crudes, trace

metals for the Santa Maria atmospheric residuum would not be expected to

be significantly higher than the worst of the bitumens. Therefore, none

of the feeds should pose extraordinary processing difficulties, from the

trace metals standpoint.

Across the four feedstocks, the proportion of sulfur to nitrogen varies

by nearly a factor of 10, from 0.8 to 6.4 on a weight basis. A similar

variability in the upgraded liquids could impact subsequent refining

operations, whereby each liquid fraction might require dissimilar yet

very specific catalyst performance.

1 Properties of the 650°F+ fraction were estimated, based on reported

properties of the whole crude, as listed in Appendix A.
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3. Upgrading Alternatives

The number of potential neavy oil upgrading processes easily exceeds

twenty, so a considerable shortening of the list of candidates was ne-

cessary. Many were excluded because they were proprietary processes, for

which detailed operating and design dati were expected to be difficult to

acquire. Of the four evaluated by Sun Tech, two are in the class of car-
bon rejection processes, and two are hydrogen addition processes:

Delayed coking - a mature technology which is currently being

practiced commercially and provides a credible

Base Case against which the alternative upgrading

schemes can be compared

ART - a recent development of Engelhard Corp. and
(Asphalt Residual licensed by M. W. Kellogg Co., in which the heavy

Treating) feedstock is contacted with fluidized material

upon which coke and metals are deposited. Coke

burned from the circulating solids allows re-use
of the contact material. Fresh make-up is added
and a drag stream of equilibrium contact material

taken, to accomplish metals removal from the sys-

tem

Hydrovisbreaking - a non-catalytic hydrogenative residuum conversion

process which Sun Tech has proposed as a prime

candidate for an alternative to delayed coking

Severe hydro- processing of the heavy feedstock(s) over a fixed

treating bed of hydrotreating catalyst may be a practi-

caDle mooe of upgrading, provided the metals

and/or minerals content of the feedstock is with-

in reasonable limits (e.g. <200 ppm)
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Each of the four upgrading steps is capable of producing an upgraded

material or a synthetic crude amenable to further refining into finished

fuel products. The naphtha fraction in the upgrader effluent would be

further refined by fixed bed hydrotreating to saturate olefins plus some

aromatics and to eliminate heteroatom species. The gas oi, portion of

the syncrude ,aould require similar clean-up, but in addition would need

considerable molecular weight reduction to yield maximum product in the

aviation fuel ooiling range. The particulars of the downstream pro-

cessing, to meet a target product slate or other programmatic needs, are

discussed in the following section for the individual case studies per-

formed.

4. Upgrading/Refining Case Studies

Case studies were generated to evaluate process parameters of either pri-

mary or secondary interest:

Process Parameters

Empnasis Primary Secondary

Upgrading process (4) Product slate (3)

Feedstock source (4) Gas oil cracking mode (2)

Hydrogen source (2)

The numerals in parentheses indicate the number of levels of each par-

ameter. Thus, there were four feedstocks of interest, and four upgrading

processes to be assessed, among the primary variables. This subset con-

stituted the "core cases" which were examined within a series of eleven

case studies (a study of all possible combinations would have required

sixteen case studies).

For the parameters of secondary interest, comparisons were on a

one-to-one basis. The secondary parametric studies involve variations

downstream of the upgrader; therefore, the case studies of these effects

required integration with one of the eleven core cases. The particular
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core case chosen for making these special case studies was varied to fit

the particular case study details.

Within the set of core cases, individual case studies were coded for con-

venience and to facilitate data transfer, using combinations of alpha-

numerics, as follows:

"Case

wherein the first symbol represents the type of upgrader being eval-

uated, according to the code

B = delayed coking (base case)

X = hydrovisbreaking
Y = ART process

Z = residuum hydrotreating

and the second symbol represents the source or type of feedstock,

according to the code

1 = bitumen from New Mexico

2 = bitumen from Kentucky

3 = bitumen from Utah

4 = heavy crude from California

For the one-of-a-kind peripheral case studies, the pattern is less

consistent and in some cases a 3-symbol code was used.

The array of case studies performed is represented in Figure 2. Eleven

core cases embody variations in the primary process parameters of feed-
stock composition and upgrading process. Each supplies the downstream
refining section, comprised of naphtha hydrotreating and gas oil hydro-
cracking. Four satellite case studies encompassed the secondary or down-

stream process parameters.
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Block flow diagrams for the eleven core case studies are illustrated in

Figure 3 for each of the four types of upgrader. Since delayed coking

served as a reference case, all four feedstocks were considered in the B

series of case studies (Figure 3a). Hydrovisbreaking, which was nom-
inated as a prime candidate for the upgrading step, was also applied to

all four feedstocks, in the X series of studies (Figure 3b). For the ART

upgrading process (Figure 3c), two feedstocks were considered, the bi-

tumen from Kentucky and the California heavy crude oil. For upgrading by

severe hydrotreating, only Case Zl was generated, using the New Mexico

bitumen as feedstock (Figure 3d).

Case studies addressing downstream process variants, are illustrated in

views e and f of Figure 3. In Case X5 (Figure 3e), fluid catalytic

cracking converts the distillate cut from hydrovisbreaking California

heavy crude residue into a multi-transportation fuels product slate (i.e.

gasoline, diesel and residual fuel in addition to JP-4). It is compared

with Case X4, which produces mainly JP-4 via catalytic hydrocracking of

the same gas oil.

In Case X6 (Figure 3f), the effect of producing JP-8 aviation fuel, rath-

er than JP-4, from hydrovisbroken Kentucky bitumen is examined. Process

configuration changes are modest, consisting of variations in inter-

mediate stream cut points. Excess light naphtha is an additional pro-

duct. This case is compared with Case X2.

Case X4A resembles Case X4 in fundamentals, and the flow diagram of Fig-

ure 3b applies. The difference is in the way plant hydrogen is gener-

ated. In both cases, JP-4 product is made by hydrovisbreaking the Cal-

ifornia heavy crude oil residue, followed by naphtha hydrotreating and

gas oil hydrocracking. Hydrogen for these operations is generated, in

Case X4, by steam reforming of the light hydrocarbon fractions recovered

from various process sections. In Case X4A, by-product residuum is with-

drawn from the heavy fuel oil pool and supplied to an oxygen-fed partial

oxidation unit for generation of the required hydrogen.
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Case X4B was added to the program in the course of these studies, when

the results raised a question regarding the effect of varying the con-
version level of the hydrovisbreaking operation. It is comparable to the

parent Case X4, viz. production of JP-4 fuel from the California heavy
crude oil by a combination of hydrovisbreaking plus naphtha hydrotreating

and gas oil hydrocracking (also Figure 3b). The hydrovisbreaker operates

at somewhat more severe conditions in Case X4B, however, producing a nom-

inal conversion of 90% compared to the 85% of Case X4.

5. Process Estimates

Plant operating conditions and yield structures were estimated for each
of the upgrading or refining steps in the proposed process scheme and for

each feedstock or intermediate stream. Where necessary, feedstock
characterization data were estimated if published data were insuf-

ficient. In addition, some process estimates were obtained using kinetic

or correlation based computer models which had been derived from per-

formance with conventional petroleum crudes or fractions, rather than
with the heavy feeds assumed in these studies. The impact of these col-
lected uncertainties on the accuracy of the resultant estimates is not

known.

In this section, process estimates are presented, first, for the various

upgrading processes, followed by those for the respective refining sec-

tions. A nominal capacity of 7,500 BPSD was selected for the tar sands

processing plants, in recognition of the limited size of most domestic

tar sands deposits. On the other hand, heavy crude oil deposits are
somewhat more extensive, more accessible, and the recovery of the hydro-

carbon somewhat more facile. Therefore, a nominal plant throughput of
50,000 BPSD was assumed when dealing with the heavy crude.
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a. Delayed coking

A mathematical model of tne delayed coking process, developed by Sun

Tech, was used to estimate coking performance for all four feedstocks.
Operating conditions similar to those employed commercially for the cok-

ing of bitumen from the Athabasca tar sands deposits were assumed. Pro-

duct yields were developed based on the available inspection data for

each feedstock.

Detailed estimates of operating conditions and yield structure for the

delayed coking process are presented in Appendix B, Tables B-l through
B-4. Highlights of the process estimates are summarized in Table 9 for

the four feeds. Yields of coker distillate, i.e. C5+ liquid, fall

within a relatively narrow band, from about 78 volume percent for the New

Mexico bitumen to d5 volume percent for the bottoms cut of the California

heavy crude. Liquid yields vary inversely with the carbon residue

content of the feed. lle sulfur and nitrogen contents of the coke and

liquid fractions move in concert with those of the feedstock, as

expected. Considerable refining is indicated to reduce sulfur and
nitrogen contents of the naphtha and gas oil fractions to acceptable fuel

quality levels.

For the heavy oil, refining of the coker naphtna and gas oil may not be

quite as severe as suggested by the sulfur and nitrogen contents in Table

9, because they will first be blended with the straight run naphtha and
atmospheric gas oil fractions which were removed during crude fraction-

ation. Therefore, sulfur and nitrogen contents of the combined feed to

the naphtha hydrotreater or to the gas oil hydrocracker will be slightly
lower than indicated in Table 9. Even with this dilution, however,
these streams are equivalent in nitrogen content and considerably greater

in sulfur content than comparable streams from coking the bitumens, and

refining them to stable fuel products will require more severe processing

conditions than the bitumen-derived coker distillates.

Coke yields for all four feeds are high and the coke clearly has no value

for metallurgical applications. Net coke make will be lower than shown
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in the table if coke is used to fire boilers or is supplied to a partial

oxidation unit to generate hydrogen.

b. Hydrovisbreaking

Estimates of hydrovisbreaking conditions and material balances for the

four feeds were based on in-house laboratory and pilot plant data ac-

quired over a number of years and with a selection of feedstocks, in-

cluding Athabasca bitumen. Results were projected for operating con-

ditions which would convert all but about 10 volume percent of the charge

to products boiling below 1000F.

Four feedstocks to hydrovisbreaking were considered. Supplemental case

studies addressed variants in either downstream refining, product dis-

tribution, or hydrovisbreaking severity. In some cases, the hydro-

visbreaker estimates were usable without adjustments for more than one

case study. The data tables indicate the appropriate case study for

which each data set applies.

Estimated processing conditions and yield structure for hydrovisbreaking

the three nitumens and one heavy crude residue are presented in detail in

Appendix C, Tables C-l through C-6. Table 10 summarizes these estimates.

As indicated in Table 10, the yields of C4+ liquids generally ex-

ceeded the volume of feed to the hydrovisbreaker by about 1 to 5 volume

percent. This yield increment appears to narrow as feed API gravity de-

creases. Compared to the delayed coking yields, about 2 to 10 volume

percent more resid-free C4 + liquid is produced when hydrovisbreaking at

the 90% conversion level.

At about 900 SCF/bbl, hydrogen consumption amounts to just over 1 weight

percent of charge. As a result, sulfur content of the hydrovisbroken

naphtha and gas oil streams is reduced, compared to the respective coker

distillates. The feed nitrogen is less easily removed than the sulfur,
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however, and the nitrogen contents of respective hydrovisbroken and coker

distillates were more nearly alike. In general, product nitrogen and
sulfur contents moved up or down in harmony with their concentrations in

the feeds.

c. Asphalt Residual Treating (ART)

This relatively recent development has been promoted for upgrading heavy
feedstocks. It employs a fluidizable contact material (ARTCATTM) onto

which are deposited coke precursors plus metals-, sulfur-, and nitro-
gen-bearing compounds during processing of heavy feeds. Being inert, the

contact material converts little of the lower boiling fractions present,

before it passes to the regenerator where the coke is burned off. The

process equipment resembles the very familiar fluid catalytic cracking
units found in most petroleum refineries. The ART-treoted effluent is

then refined to finished products by conventional means.

In the absence of detailed process information in the open literature,

preliminary yield and cost estimates were obtained from the process li-
censor, The M. W. Kellogg Company, for the Kensyntar bitumen and the San-

ta Maria Valley crude oil. The results were subsequently integrated with
Sun Tech estimates of the downstream refining sections to complete the

refinery case studies. As in other case studies employing the California

heavy crude, straight run atmospheric distillates (naphtha and gas oil)
are removed from the crude and bypass the upgrader. Tables D-1 and D-2
of Appendix D present vendor-supplied process details for the Kensyntar

bitumen and Santa Maria atmospheric residue, respectively. Process op-
erating conditions were not provided.

Table 11 summarizes the process estimates for ART processing of the two
feeds. Of note, coke deposited on the contact material (and then burned

off) is about one-half the amount estimated to be produced by delayed
coking. After treating, a significant proportion of the product remains
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liquid which boils above 1000F, although metals content of the atmos-

pheric bottoms is very reasonable at 15-20 ppmw.

The licensor notes thdt a laboratory-proven technique for reclamation of

spent contact material has been developed. A substantial reduction in

the consumption rate of this material, compared to the rates shown, was

claimed for a plant so-equipped. Reclamation of spent contact material

was not included in these process estimates.

d. Severe hydrogenation

In Section II-3-C, catalytic hydrogenative processing of heavy feeds was
classified as either hydrotreating or hydrocracking, depending on the

processing objectives. Generally, the commercial processes designed for

high cracking activity are carried out in an expanded bed mode, to fac-

ilitate replacement of spent catalyst without shutting down the unit.

The processes are available under license, currently from two sources.

On the other hand, residuum hydroprocessing over fixed catalyst beds, for

which non-proprietary catalysts may be available, are more often for hy-

drotreatment purposes and residue conversion levels may be much less than

90%. Development work on non-catalytic, high conversion hydrogenative

processes is being carried out by several organizations.

Fixed bed catalytic hydrotreatment was considered for only one of the

four feedstocks, since it was anticipated that the trace metals and/or

mineral content of the majority of tar sands bitumens would be pro-

hibitively high. For case study Zl, Santa Rosa bitumen, which had the

lowest reported trace metals content, was assumed. Process estimates

were based on in-house as well as literature reports of catalytic hydro-

pr, cessing of residua, at conversion levels as high as these sources sug-

gested were practicable.

A two-reactor system was employed, with the first reactor serving as a

guard bed to protect the second reactor from contaminants introduced with
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the feed. Table E of Appendix E presents detailed estimates of process

operating conditions and yields. These data are summarized in Table 12.

Projections of catalyst life fell short of the one-year target. The

production of, and quality of, the liquid products are considerably

improved compared to the base case (case study Bl of Table 9). Hydrogen

consumption is considerably increased compared to the other upgrader

(hydrovisbreaking case study Xl of Table 10) which operates in a hydrogen

atmosphere, but in a non-catalytic mode. Whether this is advantageous

cannot be determined until the respective upgraders are integrated with

the appropriate refining processes. In keeping with the preceding

discussion, residue content of the liquid product is relatively high.

f. Naphtha refining

In all case studies, the naphtha fractions (%C5 to 490°F boiling range

for the JP-4 product slate) from either the atmospheric distillation

tower or the upgrading section were hydrorefined to achieve one or more

of the following: 1) reduction of heteroatom content, 2) saturation of

olefinic bonds, 3) a shift in hydrogen:carbon ratio, or 4) acceptable

* thermal and storage stability. This is done over a fixed bed of a non-

* proprietary, commercial, nickel-molybdenum on alumina catalyst.

Preliminary estimates of the naphtha hydrotreater operating conditions

and material balances were based on literature sources, vendor contacts,

and in-house experience, coupled with estimates of feed quality generated

in the preceeding evaluations (e.g., nitrogen content, sulfur content,

unsaturation). In one instance (case study X6), the naphtha feed is a

*- wider boiling cut, to allow production of JP-8 type fuel rather than the

* lower boiling JP-4.

Table 13 summarizes estimates of naphtha hydrotreater operating condi-

- tions and material balances. It was assumed that operation at 1,500 psig

-- operating pressure achieved virtually complete removal of heteroatoms,

*. and that residual sulfur, nitrogen and/or oxygen contents of the hydro-

-treated naphthas were in the low parts-per-million range.
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The projected variations in feedstock quality are accommodated by adjust-

ments to reactor space velocity and average catalyst bed temperature.

Estimated hydrogen consumption ranges from about 550 SCF/bbl for the

cleanest feed to about 1350 SCF/bbl for the sulfur-laden feedstock.

Estimated catalyst life is roughly inversely proportional to the process

operating conditions, i.e., the higher the feed quality, the longer its

estimated catalyst life. Because the naphtha hydrotreater produces

little change in product molecular weight or boiling range, estimated

yields of liquid product fall in a relatively narrow band, from about 102

to 104 volume percent fresh feed.

g. Hydrocracking

To increase the yield and quality of refinery product boiling in the

aviation turbine fuel range, molecular weight reduction and heteroatom

removal is required of the gas oils leaving either the upgrader or the

atmospheric tower. Hydrocracking is an ideal tool for this conversion

and was assumed for all case studies but one (Case X5).

A two-reactor hydrocracking system was employed, with the first reactor

(R-1) serving a guard-bed function to minimize deactivation of the cata-

lyst in the second (R-2) catalyst bed. In the first bed, the heteroatoms

are hydrogenatively removed, and the more active olefinic species satur-

ated, using a non-proprietary nickel-molybdenum on alumina catalyst.

Most of the hydrocracking occurs in the second reactor, over a nickel-

tungsten on alumina or nickel-tungsten on silica-alumina catalyst, also

non-proprietary. Any higher boiling range fraction in the R-2 effluent

is recycled to R-2 for additional hydrocracking, to increase aviation

fuel yield.

Estimates of operating conditions and product yields were obtained by

operation of a computer model simulating hydrocracker operation. Because

the feeds assumed in these case studies are unlike those for which the

simulation model was constructed, model results were compared with esti-

mates generated from published correlations. Agreement was reasonable
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except for yields of the C4 fraction, so some adjustment was made to

the C4 yields based on data from commercial operations.

Results of the hydrocracking case studies are summarized in Table 14.

Operating pressures of 1700-2000 psig are judged adequate to reduce

silfur and nitrogen levels in the liquid product to the part-per-million

range or less. Processing severities, i.e., catalyst bed temperatures

and reactor space velocities, reflect the quality of the respective

feedstocks, particularly in R-1. Estimated catalyst life is impacted

accordingly, with ttie more severe conditions producing shorter life.

Yields of C5 -490*F nydrocrackate range from about 93 volume percent to

103 volume percent fresn feed. Yields of the C4 fraction, at 22 to 33

volume percent, are far in excess of that needed for fuel blending to

" adjust front end volatility of the fuel. The composition of tnis frac-

tion would dictate how it might be best utilized -- alkylation, polymeri-

* zdtion, external sales, fuel, or hydrogen production.

h. Fluid catalytic cracking

in case study X5, the atmospheric and vacuum gas oils were fljid cataly-

tic cracked (FCC) rather than hydrocracked. This change in process

configuration produces a marked sift in product sladte. Fuel products

include automotive gasoline and blended heating oil as well as some

aviation turbine tuel , whereas toe preceding case studies concentrated

exclusively on aviation fuel.

Refinery feed was 3anta Maria Valley heavy crude oil. Crude frdction-

ation produced straight run naphtha, atmospheric gas oil , and an atmos-

- pheric residue. The latter stream was upgraded by hydrovisbreaking to

produce additional naphtha and gas oils. The hydrorefining of the blend-

* ed ,ydrovisbroken plus straight run naphtha has been addressed.
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FCC processing of the combined hydrovisbroken plus straight run gas oils

requires that first the feed be catalytically hydrotreated to reduce

heteroatom content to acceptable levels. Operating conditions and prod-

uct yields were estimated for the feed pretreater assuming a nonproprie-

tary nickel-molybdenum on alumina catalyst. These estimates are sum-

marized in Table 15. Operating conditions are somewhat milder than those

employed in the R-l stage of a gas oil hydrocracker (e.g. Case X4 in

Table 14), because the FCC catalyst is somewhat more tolerant of some of

these contaminants than is the hydrocracking catalyst. As indicated in

Table 15, yield of treated gas oil approached 100 volume percent, with

sulfur and nitrogen removals of >90% and about 50%, respectively.

The gas oil hydrotreater effluent contains a significant (ca. 50%) pro-

portion of light distillate in the nominal 490-650°F boiling range. This

fraction is not particularly attractive feed to the FCC, as gasoline

yields are low and dry gas yields are high. Therefore, gas oil pre-

treater effluent is distilled to prepare a >650°F fraction for feed to

the FCC unit, and a low sulfur 490-650°F gas oil fraction which can be

sold directly, or used as cutter stock for blending heavier fuel oils.

Table 16 presents fluid catalytic cracking process estimates for case

study X5, when processing the 650°F+ fraction isolated from the feed

pretreater effluent (cf. Table 15). Estimated operating conditions and

yield structure reflect numerous commercial installations. The catalytic

gasoline, produced in excess of 50 volume percent of charge, is of ac-

ceptable octane quality without the addition of antiknock. The cycle oil

is used for number two fuel oil blending, while slurry oil is effective

resid fuel cutter stock. Thanks to the feed pretreatment, sulfur con-

tents of both are very low. The coke yield of 7.9 weight percent is not

a net product; it is deposited on the catalyst in the reaction zone and

burned off during regeneration.
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SECTION IV

PROCESS ENGINEERING ANALYSIS

1. Introduction

The objectives of this screening analysis were:

1. to prepare overall process flow schematics based on the pro-

cessing technology described in Section III.

2. to integrate material balances from the several process sections

for each case study.

3. to project overall plant hydrogen balances and select appro-

priate means for satisfying any deficits.

4. to estimate overall plant energy balances, and quantify plant

fuel deficit or surplus

S. to supply capital and operating cost estimates for development

of venture economic analyses.

2. Processing Schemes

Figure 4 shows the overall flow schematic for the eleven core cases
(Cases B1, B2, B3, B4, Xl, X2, X3, X4, Y2, Y4 and Zl). As indicated, all

hedvy feedstocks are conditioned by desalting and filtering to remove
entrained water, silt, and other tramp materials. The bitumens receive

no further pretreatment prior to upgrading, whereas the heavy crude oil
passes through an atmospheric distillation tower. In the crude tower, a

straight run neavy naphtha (C4 - 490F) cut and a middle distillate

(490-650 °F) fraction dre removed for subsequent processing in the re-

fining sections of the plant. The atmospheric bottoms (650°F+ fraction)
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from the heavy crude are then upgraded as indicated in the core evalua-

tion inatrix of Figure 4.

The downstream refining section of the planL for most of the core studies

consists of two major operations -- hydrotreating of liquids in the naph-

tha boiling range, and hydrocracking of the wide boiling range gas oils

to reduce their distillation temperatures to those of aviation turbine

fuel. Auxiliary plants are supplied for treatment of 4aste water and for

scrubbing light refinery gases of nitrogen and sulfur compounds. The

latter are extracted and converted to ammonia and to elemental sulfur for

external sales. After gas scrubbing, contained butanes are separated by

fractionation. Butanes in excess of those needed for front-end volatil-

ity control of the fuel products are available for external sales.

Light hydrocarbon jases from the gas plant supply two needs -- nydrogen

generation by steam reforming, and refinery fuel -- with the former being

given preference. Once plant hydrogen needs are met, if the remaining

gas cannot meet refinery fuel demand, it is supplemented by coke or by

residual fuel produced within the refinery or purchased. Purchase of

cutter stock may also be required to blend residual fuel to a uniform

viscosity.

The above process configuration also applies to case studies X4B, in

which the effect of varying the severity of hydrovisbreaker operation was

examined, and Xb, in which JP-8 is produced rather than JP-4.

Figure 5 shows the overall flow schematic for case study X5, which exam-

ines trie effect of substituting a fluid catalytic cracker for the gas oil

hydrocracker when processing the heavy crude oil from Santa Maria

Valley. This change results in a significaot shift in product slate away

from aviation fuel and toward a mixed fuels slate (i.e., gasoline, tur-

bine fuel, no. 2 furnace oil or diesel fuel, and residual fuel) that more

closely resembles the consumption pattern within the civilian sector.
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Case X5 is also based on processing only the atmospheric bottoms through
tne nydrovisbreaker. Tne straight run naphtha is combined with hydro-
visbreaker naphtha, hydrotreated, and the blend used for JP-4 product.
ALnospneric straight run gas oil from crude distillation is combined with
hydrovisbreaker gas oil (490-1050 0 F) for processing in the gas oil charge
hydrotreater. This step is necessary to protect tne FCC catalyst from
detrimental effects of the high sulfur and nitrogen contents of the gas

oil olend. The gas oil nydrotreater effluent is fractionated into a
small quantity of naphtha (C4 -490 0 F), a middle distillate (490-650 0 F),
and a heavy gas oil (650°F+). The naphtha is added to the JP-4 pool and
the middle distillate is used to blend no. 2 furnace oil and/or diesel

fuel.

FCC processing of the heavy gas oil produces light ends, catalytic gas-
oline, cycle oil, and slurry oil. The latter two streams serve as fuel
oil blend stock or residual fuel cutter stock, respectively. The treat-
ment of refinery light gases is as in the core cases, i.e. H2 S and
NH3 are removed and sold as elemental sulfur and ammonia. Butanes are
used for fuel blending (JP-4 and gasoline) and any excess sold. Hydrogen
is produced by steam reforming of the C3 and lighter gases; excess gas

is used to help meet refinery fuel needs.

Figure 6 illustrates toe processing sequence for case study X4A, in wnich
partial oxidation is used for the generation of hydrogen, rather than
stedm reforming of light hydrocarbons. The scheme includes atmospneric
fractionation of Santa Maria Valley crude, hydrovisbreaking of the crude
tower bottoms, plus naphtha hydrotreating and gas oil hydrocracking, just
as in case study X4. However, in case X4A, the hydrovisbreaker bottoms,

plus steam and purchased oxygen, are processed in a resid partial oxi-
dation unit of conventional design. Effluent, mainly carbon monoxide

plus hydrogen, passes to a shift reactor which increases the hydrogen
content while converting carbon monoxide to carbon dioxide. Shifted gas
requires carbon dioxide removal, and methanation to remove traces of car-
bon oxides, and yields 96% purity hydrogen for the three processing units.
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C3 and lighter gases from the gas plant are either converted to hydro-

gen by steam reforming, supplementing that produced by resid partial

oxidation, or fired as refinery fuel.

3. Process Descriptions

a. Uelayed coking

This process was selected as the base case for all four feedstocks be-

cause its performance in the upgrading of even the lowest quality feeds

has been demonstrated through years of operation in hundreds of com-

mercial units. The process configuration, for coking either the whole

tar sands bitumens or the atmospheric tower bottoms of heavy crude oil,

is shown in Figure 7.

During operation, the charge heater is set for 900°F outlet temperature.

Fresh feed is charged to the fractionator bottom, combining with some

condensed recycle material, before entering the charge neater. Vapor-

ization with mild thermal cracking occurs as the oil reaches temper-

ature. Within the coke drum, which is maintained at 28 psig pressure,

the mixture is further cracked, and some polymerization takes place.

Overhead vapors pass to the fractionation section; the coke remains il

the drum. Yields of coke will vary widely, depending on feed quality and

operating conditions of the coker and fractionator. In case studies Bl

through B4, coke yields ranged from 17-20 weight percent of fresh feed.

At least two coking drums are used, with one on a decoking cycle while

the other is filling. Decoking is accomplished by cooling and purging

the drum, removing the flanged heads, and cutting the coke out with a hy-

draulic cutting tool. Coking cycles are approximately twenty hours.

The quenched hydrocarbon vapors from the coking drum are fractionated in

a conventional atmospheric tower to yield light hydrocarbons, a heavy

naphtha cut (C5-490 0F) and a gas oil fraction (430-900°F). Any resid-

ual material combines with fresh feed entering the bottom of the tower

and is recycled to the coker drum.
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For these case studies, the coke produced is to be used internally as

boiler fuel, with dny excess being sold as fuel.

b. Hydrovisbreaking

The process configuration for hydrovisbreaking is illustrated in Figure 8

and is applicable to any of the three bitumen feeds or to the atmospheric

bottoms feed from the heavy crude oil. As with coking, reactions occur

thermally; however, the cracking that occurs at 8250 F does so in a hydro-

gen atmosphere at 2500 psig, and c&:.e formation is suppressed. Thus, the

process may be viewed as a non-catalytic form of hydrocracking. Hydrogen

utilization is enhanced by compressing and recycling portions of the high

and low pressure off-gases. Recycled hydrogen combines with fresh

make-up hydrogen and both join the heavy liquid feed at the charge fur-

nace. Extent of feed conversion is determined by residence time, temper-

ature, feed reactivity and the degree of recycle.

Within the reactor vessel, liquid and vapors are disengaged at the top.

Entrained condensibles exiting the reactor in the vapor stream are con-
densed, collected in the high pressure separator, and flashed into the

liquid stream exiting the bottom of the reactor. After heat recovery and

pressure reduction, the separated liquids undergo atmospheric and vacuum

distillation.

Fractions collected include 1) wet gases which are processed in the gas

plant, 2) a wide boiling (C5-490°F) naphtha which is further refined in

the naphtha hydrotreater preparatory to aviation fuel blending, 3) a

blend of atmospheric and vacuum gas oils (490-1000°F) which is sub-

sequently processed in a gas oil hydrocracker, and 4) a > 1000F vacuum
residue. Portions of the residue may be recycled, as necessary, to con-

trol conversion level of the fresh feed. The remainder is used for

either refinery fuel or, in the case study X4A, for synthesis gas

generation in a resid partial oxidation unit. When fired as fuel, the
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Q.

resid may require blending with cutter stock to obtain the desired vis-

cosi ty range.

In another special case study (XS), the wide boiling gas oil from hydro-

visbreaking the >650°F fraction of Santa Maria Valley crude is hydro-

desulfurized and processed in a fluid catalytic cracker to produce blend-

ed furnace oil and catalytic gasoline.

c. Asphalt Residual Treating (ART)

The upgrading of Kentucky bitumen and the long resid from Santa Maria

Valley crude by the ART process were evaluated with assistance from the

M. W. Kellogg Company, licensors of the Engelhard technology. Figure 9

illustrates the operation of the process, which bears a strong resem-

blance to a fluid catalytic cracking process. In fact, early commercial

applications have taken place in small FCC units, suitably modified.

The proprietary ARTCATTD material acts as a sorbent upon which feed

contaminants such as metals, nitrogen, sulfur, and coke precursors are

deposited. Tnis occurs when the fluidized hot contact material en- %

counters the steam-dispersed feed in the contactor or riser. Lighter

components of the feed vaporize, as do thermally cracked products. With

minimal catalytic activity, the circulant acts principally as a con-

taminant sorbent, and has little tendency to produce changes in the mol-

ecular structure of the vaporizable components. In the disengaging sec-

tioni of the contactor, volatile hydrocarbon components are removed and

quickly quenched, to prevent further degradation. After oil quench and

waste neat recovery, the fuel gases, naphtha, distillates and residual

fractions are separated for subsequent downstream processing -- viz.

naphtha hydrotreating and gas oil hydrocracking -- into aviation fuel and

allied products.
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Carbonaceous deposits sorbed onto the circulating contact material are

removed by air oxidation in the regenerator vessel. Since the metals

remain deposited on the sorbent, a drag stream of spent ARTCATTM must

be withdrawn, to accomplish control of the trace metals inventory. Spent

- sorbent is disposed.

A portion of the feedstock sulfur is removed as hydrogen sulfide in the

light hydrocarbon gases produced in the reactor. Additional sulfur re-

moval is accomplished by conversion of the sorbed materials into sulfur

dioxide during coke combustion in the regenerator. Desulfurization of

regenerator off-gas, from which heat is recovered by generation of steam,

" is required to reduce sulfur oxides released to the atmosphere.

d. Residuum hydrotreating

Bitumen from Santa Rosa tar sands was processed in a single case study

(Zi) of high severity two-stage residual oil hydrotreating. Low ash and

low metals content of the feedstock are required to minimize contam-

ination of the fixed beds of catalyst. Figure 10 illustrates the process

configuration.

The first reactor, which serves as a guard bed for the catalyst in the

second reactor, operates at hydrogen partial pressures in excess of 2,500

psig. The liquid feed, having been mixed with a portion of the hydrogen

stream prior to entering the furnace, passes over the first catalyst bed

of nickel-molybdenum on alumina at 6250F and a liquid hourly space vel-

ocity of U.5 hr.'-l In the second reactor, liquid hourly space velocity

over an extruded nickel-molybdenum on alumina catalyst at 800°F is also

- 0.5 hr. -  Intrareactor injection of hydrogen plus maintenance of nigh

hydrogen circulation rates (6,000 SCF/bbl recycle) effect hydrogenation

and hydrocracking of the bitumen while minimizing coke formation. Net

* hydrogen consumption of approximately 1,500 SCF/bbl. occurs across the

pair of reactors, as estimated from tne raw feed carbon:hydrogen ratio

and the heteroatom content.
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The products from the reactor pass through both high and low pressure

separators, after heat exchange with cold feed. Wet gas recovered from

the atmospheric fractionator, plus low pressure flash gas and high pres-

sure gas bled from the recycle loop, are dispatched to the gas plant for

scrubbing of sulfur compounds and removal of butanes. Liquid fractions

from the distillation section include a naphtha cut (C5-490°F), a wide

gas oil (490-1000°F) and a residue ( I00°F).

Although of considerably higher quality than those produced in the other

upgraders, the naphtha cut is still expected to require some degree of

hydrorefining to permit blending of specification quality JP-4. Sim-

ilarly, the gas oil cut, while improved over that produced in the coking,

ART or hydrovisbreaker case studies, will require additional, albeit less

severe, hydrorefining before being hydrocracked down to the JP-4 boiling

range.

Vacuum tower bottoms is burned within the refinery to satisfy fuel
needs. Of significantly higher quality than similar cuts produced by

alternate upgraders, the firing of resid from hydrotreated bitumen would
reduce investment in flue gas desulfurization capacity.

e. Naphtha hydrotreating

In each case study, naphtha produced in the upgrader is hydrotreated in a

catalytic fixed bed process. For the case studies based on heavy crude

oil, the feed is a blend of upgrader naphtha plus straight run naphtha

from the atmospheric crude tower.

In all but one case study, the naphtha feed had a nominal tail end cut

point of 490°F, for blending of JP-4 fuel. In case study X6, JP-8 fuel

was produced, rather than JP-4. As a kerosene type, rather than a gas-

oline type fuel, JP-8 has higher initial and final boiling points than

JP-4. For the JP-8 hydrotreater design, the final boiling point of the

naphtha feed was shifted to 550°F, but the initial boiling point remained
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the same as for JP-4. Adjustment of the front end is accomplished by

fractionation of the hydrotreated product. This produces a substantial

volume of clean, light naphtha, suitable for gasoline blending or

aromatics production, in addition to the JP-8.

Figure 11 represents the principal flow scheme for the naphtha hydro-

treaters. Feed naphtha, combined with hydrogen (recycle plus make-up) is

heat exchanged with reactor effluent before entering the furnace. The

quality of the feedstock dictates the severity level of the hydrotreating

operation, as determined by hydrogen partial pressure, reaction temper-

ature and contact time. The catalyst, in all studies, is a non-proprie-

tary nickel-molybdenum on alumina extrudate.

Reactor effluent is heat exchanged and cooled before passing through high

pressure and low pressure vapor-liquid separators. Light ends from the

* low pressure flash and the stabilizer are processed to recover sulfur
and/or nitrogen in the form of hydrogen sulfide and ammonia, dry gas

(C3 and lighter) and a butane fraction. The latter is used to adjust

final JP-4 blend Reid vapor pressure, with any excess being sold.

In all case studies which include a gas oil hydrocracking facility, the

hydrotreated naphtha is blended with hydrocracked naphtha to make the

finished aviation turbine fuel blend. In the JP-8 case, a light naphtha

fraction (nominal 290F end point) is co-produced for external sales.

f. Gas oil hydrocracking

Distillate hydrocracking was selected for converting the relatively large
volumes of atmospheric and/or vacuum gas oils to finished aviation tur-

bine fuel blending components. Major considerations influencing this

choice were 1) hydrocracking of gas oils to naphthas produces high vol-

umetric yields, e.g. >100 volume percent, and 2) hydrocracked naphthas
- would be expected to meet, without further processing, the stringent

* quality requirements of aviation turbine fuels. Both are important
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because the hydrocracked naphtha generally accounts for the larger

proportion of the total aviation fuel pool.

As indicated in the schematic flow diagram of Figure 12, the hydrocracker

complex converts distillates from the upgraders, or from the upgraders

plus atmospheric crude tower, to either JP-4 or JP-8 components. When

designed for a JP-4 product slate, the nominal boiling range of the hy-

drocracker feed is 490-1000°F; when processing to produce a JP-8 product

slate, the feed is a nominal 550-1000°F fraction.

A two-reactor configuration is employed. In the first reactor (R-l), the

feedstock is fydrogenated over a non-proprietary nickel-molybdenum on

alumina catalyst to convert heteroatoms and active carbon-carbon double

bonds. This guard case type operation prevents poisoning the hydro-

cracking catalyst in the second reactor. For simplicity, the two re-

actors operate at the same total pressure, adjusted for inter-reactor

pressure drop of 75 psi.

The second reactor (R-2) contains a commercial nydrocracking catalyst of
either nickel-tungsten on alumina or nickel-tungsten on silica-alumina.

In R-2, the nydrotreated gas oil from R-l is converted to light gases and

naphtha. Provisions for recycling the higher boiling portion of the R-2

effluent to the inlet of R-2, after fractionation, enable 100% conversion

of the feed.

Hydrocracker severity, to meet the estimated processing requireunents of

the different types of feed, is achieved by:

Pressure

for bitumen feeds, pressure is 1700-1775 psig

for heavy crude oil, pressure is 2000-2075 psig
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Space velocity

for catalytically upgraded feeds, R-l LHSV is 0.8 hr.-l

for thermally upgraded feeds, R-1 LHSV is 0.3 - 0.4 hr.J

Temperature

Vranges from 710*F to 770°F in R-2, depending on estimated

relative ease of hydrocracking.

Process flow is illustrated in Figure 12. Liquid feed, after heat ex-

change with R-2 effluent, is combined with (fresh plus recycle) hydrogen

before passing through the R-l charge furnace. Intra-stage cooling is

achieved by injection of additional hydrogen, as required. Water in-

jection into the R-l effluent facilitates removal of potentially trouble-

some ammonium sulfide salts.

Hydrogen-rich gas from the first stage high pressure separator is further

cooled, combined with a similar stream from the R-2 vapor/liquid separ-

ation section, and scrubbed by an amine solution to remove hydrogen sul-

fide, before recycling.

Liquid products from R-l, combined with additional hydrogen, pass through

the charge preheater and into the second reactor, where most of the hy-

drocracking occurs. Intra-reactor quenching by hydrogen addition is

again used as required to control catalyst bed temperatures. R-2 ef-

fluent, after heat exchange with cold feed from tankage, is separated

into gas and liquid, depressured, and fractionated into wet gas, a naph-

tha frdction for JP-4 or JP-8 blending, and a heavier cut that is re-

cycled to the hydrocracking reactor.

When configured for maximum JP-4 product, the side draw of the product

fractionator is a nominal C5-490°F naphtha, and the recycle stream is

a >490°F gas oil. For JP-8 production, the product cut to fuel blending

is a 290-550°F fraction, so the recycle stream is a slightly heavier (>

550°F) gas oil. In addition, a light naphtha side stream (C-290F) is
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drawn, which may be sold into the gasoline or petrochemicals markets.

For the JP-8 case, a small amount of distillate fuel oil is produced, to
maintain a balanced recycle stream around the hydrocracker.

Estimates of hydrogen consumption in the hydrocracking section vary wide-

ly, reflecting chemical composition of the feed. For the gas oil feed

from hydrogenated Santa Rosa bitumen (case study Zl ), hydrogen consump-
tion of 1500 SCF/bbl. is estimated. At the other extreme, for the gas

oil feed from delayed coking of Santa Maria Valley crude oil (case study

84), hydrogen consumption is estimated at 2700 SCF/bbl.

g. FCC feed hydrotreater

In case study X5, a blend of straight run atmospheric gas oil and wide
boiling range hydrovisbroken distillate is converted to lighter fuel

products by fluid catalytic cracking. Both are produced by processing

the Santa Maria Valley crude. Hydrotreatment of the FCC feed is

required, however, to lower the nitrogen and sulfur contents to

acceptable levels. Figure 13 illustrates the hydrotreater flow scheme.

Gas oil feed is heat exchanged with reactor effluent, joined with hy-

drogen (fresh makeup plus recycle), and preheated to reaction temper-

ature. Processing is at nominal conditions of 1200 psig and 680OF over a

nickel-molybdenum on alumina catalyst. Reactor products, after heat ex-

change with incoming feed and further cooling, are processed through high

and low pressure separators to achieve vapor-liquid separation.

Non-condensibles contained in the low pressure flash gas pass through

fractionation to the gas plant for further clean-up. Liquid effluent,

rather than being directly fed to the FCC unit, is distilled into a small

volume of naphtha suitable for JP-4 blending, a clean middle distillate

suitable for no. 2 fuel blending, and a heavier (> 650°F) distillate for

FCC processing.
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The fluid catalytic cracking unit, where the hydrotreated gas oil is con-

verted to gasoline and middle distillate, may be of a design offered by

several licensors. Inasmuch as it would be acquired under license as a

completed process design package, a schematic was not developed for it.

h. Flue gas desulfurization

Refinery process heaters and boilers are fired by either refinery fuel

gas, bunker fuel or coke, with priority given refinery byproduct fuels

over purchased stocks. Sulfur content of the fired fuels ranges widely,

reflecting both the quality of the crude feedstock and the process se-

quence employed. To achieve acceptable emissions levels, flue gas de-

sulfurization is required.

The flue gas desulfurization system is also used to treat the regenerator

off-gas for those cases which include the ART upgrading process. For the

FCC case, however, desulfurization of regenerator off-gas is not re-

quired, since the FCC feed is a hydrotreated chargestock and sulfur con-

tent of the coke deposited on the catalyst is acceptably low.

To avoid waste disposal concerns, a combination of the Wellman-Lord re-

generable SO2 recovery system plus the Allied Chemical reduction pro-

cess for manufacturing elemental sulfur is selected. Effluent gases from

boilers, furnaces, and kilns are scrubbed with wash water in a venturi

before entering a spray type absorber where they are contacted with
aqueous sodium sulfite solution. More than 90% of the contained sulfur

dioxide is absorbed, forming sodium bisulfite. The absorbed sulfur di-

oxide is stripped from the rich bisulfite stream in steam-heated evapor-

ators.

The recovered gas stream contains 80-85% sulfur dioxide. Processing of

the S02 rich gas in the Allied Chemical system reduces the SO2 to

marketable elemental sulfur. The reducing agent is a gaseous stream rich

in hydrogen and carbon monoxide, produced from natural gas or other fos-

sil fuels.
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Since both units are licensed processes and sold as complete packages, no

schematics have been developed.

4. Estimated Hydrogen Balance

Hydrogen is consumed during the refining of upgrader effluents and in
some case studies (the X and Z series) hydrogen is utilized in the up-
grader itself. Estimates of hydrogen consumption for individual units
comprising each case study have been presented along with the material

balances in Section III. In this section, a balance is struck between
these hydrogen demand estimates and potential hydrogen sources.

Light gases produced and recovered during upgrading and refining are the
principal source of plant hydrogen. These streams, after processing in

the gas plant to remove butanes, hydrogen sulfide and ammonia, may in-
clude a significant amount of hydrogen. In addition, the light hydro-

carbons - methane through propane - can be converted to hydrogen-rich gas

via the steam reforming reaction.

Two options were considered for processing the gas plant light hydro-

carbons:

- process the total gas stream through steam reforming, shift re-
actor, acid gas removal and methanation. The hydrogen initially

contained in the stream is taken into account in determining the

total hydrogen generation potential of the gases. Any light gas

in excess of that required to meet hydrogen consumption require-

ments is allocated to the refinery fuel system.

- treat the gas plant light hydrocarbon gas stream by molecular
sieve purification to capture the contained hydrogen. Satisfy

any further hydrogen deficiencies by processing the remaining

methane through propane fraction via steam reforming, shift
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reactor, CO2  removal and methanation. Again, excess light

hydrocarbons over hydrogen generation requirements are utilized

as refinery fuel.

The latter approach results in a smaller hydrogen plant, and in less hy-
drogen being burned as fuel. Balanced against this is the cost of in-

stalling and operating tne molecular sieve hydrogen purification system.

In this preliminary assessment, it was not practical to compare the two

approaches, for each case study. Cursory evaluation of the respective

requirements of each option indicated steam reforming of the whole gas

stream to nave an economic advantage. This approach was assumed for all

case studies.

Where the C3-and-lighter stream from the gas plant was inadequate to

generate the required hydrogen, a portion of the C4 fraction was di-
verted from external sales to provide the required feed to the steam re-

former.

As a supplement to case study X4, utilization of the residual fraction
from hydrovisbreaking was evaluated for the production of hydrogen. In

case study X4A, the hydrovisbroken resid, rather than being blended into

a boiler fuel, is processed in a Texaco partial oxidation gasifier. The
reaction with 974 purity oxygen produces a low nitrogen content gas con-

taining hydrogen, carbon monoxide, carbon dioxide, steam and methane.

- Approximate gasifier operating conditions and yield are:

Feed >1000F resid

Feed density, °API -5.7

Charge rate, BPSD 4466

Oxygen charge, TPD 865

Pressure, psig 1200

Temperature, OF 2500 -2600

Product gas, MMSCFD 72.1

Contained H2 (96% purity), MMSCFL 65.0
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Following gas quench to recover sensible heat, processing of the gasifier

effluent consists of high temperature and low temperature shift reactions,

acid gas removal via the Selexol process, and final methanation of tne hydro-

gen gas to remove residual amounts of carbon oxides. The carbon dioxide rich

acid gas recovered in the Selexol unit is treated in a Stretford unit for

recovery of elemental sulfur for external sales. Resid gasification supplies

only a portion of the plant's total hydrogen requirements. The remainder is

made up by steam reforming a portion of the gas plant light hydrocarbons. To

gain efficiency, the crude gas streams from the gasifier and reformer are

combined, after Selexol treatment, and a single gas stream processed through

snift, carbon dioxide removal, and methanation.

Table 17 summarizes the gross hydrogen consumptions estimated for each case

study, in thousands of standard cubic feet per day for each of the principal

processing plants. Total hydrogen consumptions, in standard cubic feet per

barrel of fresh feed are also taoulated. In general, overall hydrogen

consumption is greater in those cases which employ hydrogen in the upgrading

step. Feedstock effects, within any group of case studies employing a common

processing sequence, are relatively small, and not directionally consistent.

Table 17 also indicates how these hydrogen demands are satisfied. In most

cases, the supply of C3 and lighter from the gas plant is more than ade-

quate, although in case study Zl, it was necessary to include a small amount

of the C4 fraction in the feed to the steam reformers. The dry gas stream

from the gas plant contains both hydrogen and light hydrocarbons. In Table

17, the respective volumes of contained hydrogen, as well as hydrogen gener-

ated by steam reforming, are indicated. Also included in the table are esti-

mates of the proportion of the total C3 and lighter stream which is com-

mitted to hydrogen. The remainder is used for refinery fuel.
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5. Refinery Fuel Balance

The principal refinery fuel consumers are fired heaters which bring feed

streams up to operating temperature (e.g. crude towers, catalytic reactors)

plus boilers which generate steam for either low-level heating, process use,

or as a prime mover (pumps, turbines, compressors). For either application,

the estimated fuel requirements were net, i.e., after taking into account heat

recovered by exchange with exiting streams or steam generated within process

units (e.g. catalyst regenerators, partial oxidation units).

Refinery operations produce several streams with potential for use as fuel.

These include that portion of the light hydrocarbon (i.e. C3 and lighter)

stream exiting the gas plant which is in excess of that required for the

generation of hydrogen. In view of its easier handling, gaseous fuel is given

preference for use in fired heaters. Process schemes which utilize carbon

rejection techniques for upgrading heavy feed may produce coke. In those case

studies which use either the ART process or fluid catalytic cracking, the coke

is combusted within the process to provide process heat. Any excess is avail-

able as exported steam. By contrast, the delayed coker produces much coke,

which use is limited to boiler firing.

Residual material from the upgraders can fuel either refinery heaters or steam

boilers. The quality of this residual stream varies with the upgrader, but it

is generally lower than that of commercial bunker fuel. Therefore, the lo-

cally produced residual fuel is blended with purchased cutter stock, if none

. is available internally, to achieve a bunker fuel blend viscosity of 150

Saybolt Furol Seconds (SFS) at 122°F. The blend ratio of cutter stock to

residual fuel to obtain this viscosity level was based on projections of the

residual fuel characteristics, for each process scheme.

If the amount of internally produced residual fuel or coke exceeded that

required of either form, the excess became available for external sales.

Additional cutter stock was not purchased for the exported residual fuel, but

the effect of its higher viscosity was accommodated by discounting the resid

-56-

,- -. ' .".-- ........................... ".-'.._.'.......'.... '.-.''.-'-- -.*'.''.'-. ...- '--- '." .- _. .- _., "-""5 ..
." .'" '. '" " -' ." , . ',., P ',- " ' - , " r . . .. --. .11 tl nl- lmlki'l l-l.. i*l.- llJl. .nn. .m.m. .



to its blend-in value to produce acceptable bunker fuel. When internally

generated fuel was not sufficient to meet fuel demand, purchased bunker of the

indicated commercial viscosity level made up the deficiency.

Table 18 summarizes the accounting for the refinery fuel balance for each of

the case studies. In the series of delayed coking case studies (B seriesi no

residual fuel was produced internally, while coke was restricted to use in

boilers. Accordingly, purchases of bunker fuel were required for process heat

requirements. Only a fraction of the coke produced was required for raising

steam, so a considerable portion of the coke (about 85% for the bitumen feeds,

and about 50% for the California crude) was available for external sales.

For the hydrovisbreaking case studies (X series), no coke was produced, while

nearly all of the gas plant C3 & lighter stream was consumed in producing

hydrogen. To meet process heat and fired boiler needs, vacuum resid from the

hydrovisbreaker was blended with purchased cutter stock and burned. In most

cases, more than enough resid was produced and the excess sold.

Gasification of resid (compare case X4A with case X4) to produce hydrogen

freed up a considerable quantity of C3 and lighter, which otherwise would

have been used to make hydrogen. The gas was, therefore, allocated to heater

firing, while boiler needs were met with purchased bunker fuel. The net

effect of the addition of the gasification step was to shift fuel purchases

from cutter stock to the somewhat cheaper bunker fuel.

With fluid catalytic cracking of distillate rather than catalytic hydro-

cracking (compare case X5 with case X4), the amount of hydrogen required for

refining was significantly reduced. At the same time, the catalytic cracking

process generated substantially more light gases, which were available for

generation of hydrogen. The sum of these effects was a considerable excess of

gas plant light ends over that required for hydrogen manufacture. This quan-

tity was sufficient to satisfy some 95% of the fired heater fuel require-

ments. The remaining heater and steam boiler fuel requirements were met by

blending a portion of the available resid with either FCC slurry oil or with

No. 2 burner oil. The remaining resid was available for external sales.
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* For the two case studies utilizing the ART upgrading process, the resid pro-
duced in the upgrader was blended with purchased cutter stock and used to

*balance out fuel requirements in the refining areas and for raising steam.
Because the process utilizes the coke laid down on the circulating contact

" material, the incremental fuel needs were modest. As a result, a considerable

proportion (60-90%) of the resid produced was allocated to external sales.

In the residual hydrotreating study (case Zl ), the residual fuel produced in
the upgrader constituted acceptable bunker fuel without blending with cutter

stock. With no refinery fuel gas in excess of hydrogen generation needs, all
fuel requirements were met by firing this bunker. This consumed about 70% of

,- the resid, so the remaining 30% was available for sales.

6. Refining Material Balances and Thermal Efficiencies

Integration of the individual process unit yields, adjusted for hydrogen pro-
duction and refinery fuel allocations, produced estimated overall refinery

. material balances. Application of appropriate energy content factors allowed
calculation of an overall refinery thermal efficiency. These results are
summarized in Table 19 through 25, for each of the four feedstocks under

consideration.

Tdble 19 summarizes the refinery yield structure, process thermal efficiency

and JP-4 aviation fuel yield when processing bitumen from the Santa Rosa tar

sand deposits of New Mexico. The case studies encompass three upgrading
routes - delayed coking (case Bl), hydrovisbreaking (case Xl), and fixed-bed

residuum hydrotreating (case Zl). For all three case studies, downstream
refining consists of hydrotreating naphtha fractions, plus recycle hydro-

cracking of distillate fractions which boil above approximately 490°F.

Refinery purchases, in addition to the 7,500 BPSD of raw bitumen, include

either cutter stock or bunker fuel to meet refinery fuel requirements. The

*. principal refinery product is JP-4, of course, with saleable by-products

- consisting of a C4 fraction, elemental sulfur, liquid ammonia, and any

excess low grade fuels (resid, coke) not consumed internally.
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The volumetric yield of JP-4, based on purchased crude, ranges from 8J% to

nearly 94%. Relative rankings are hydrovisbreaking > residuum hydrotreating >

delayed coking. The spread in refinery thermal efficiency, which incorporates

all purchases and products, is much narrower, with the processes ranking

hydrovisbreaking -residuum hydrotreating > delayed coking.

Yields of by-product sulfur and ammonia are somewhat lower for the delayed

coking ease because there is less hydrogenative processing. The balance of

sulfur and nitrogen is contained in the coke.

Table 20 summarizes estimated overall refinery yield structures, process

thermal efficiencies and aviation fuel yields for processing bitumen from

Kentucky tar sands. The three case studies evaluated delayed coking (case

B2), hydrovisbreaking (case X2) and the ART process (case Y2) for upgrading.

Each upgrader was combin I with naphtha hydrotreating and distillate hydro-

cracking to produce principally JP-4 turbine fuel.

For the Kentucky bitumen, yields of JP-4 based on the volume of crude pur-

chased ranged from about 67 volume percent to about 95 volume percent.
Relative rankings of the upgrading processes are hydrovisbreaking > delayed

coking ART. The large spread in JP-4 yields reflects the relatively mild

processing achieved by the ART treatment, whereby a considerable proportion

of '10000F remains after processing, eventually to be found in the resid fuel

pool. Process thermal efficiencies are closely grouped at 82 to 88%.

Rankings are delayed coking hydrovisbreaking > ART.

The effect of shiftiiig product slate from a naphtha type (JP-4) fuel to a

kerosene type (JP-8) wu: evaludted for a refinery processing Kentucky bi-

tumen. The processing sequence included upgrading the bitumen by hydro-

visbreaking followed by naphtha hydrotreating and gas oil hydrocracking. The

comparison between case study X-2 (the JP-4 case) and case study X-6 (the JP-8

case) is summarized in Table 21.
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The impact on aviation turbine fuel yield is dramatic, with the JP-8 con-

figuration supplying only about 2/3 the volume of fuel as when JP-4 was pro-

duced. Most of the slack is the light naphtha fraction that was too low in
boiling range for inclusion in JP-8. This cut would be available for external

sales, for example as a gasoline blending component. Overall refinery ef-

ficiencies are nearly alike but with a slight edge in favor of the JP-4 con-

figuration.

Refinery yields, process thermal efficiencies, arid JP-4 yields for processing

a bitumen from Utah tar sands are summarized in Table 22 for two upgrading

approaches: delayed coking (case B3) and hydrovisbreaking (case X3). Vol-

umetric yield of JP-4, based on purchased crude, was slightly better than 100%

for hydrovisbreaking compared to 84% for delayed coking. Overall thermal

efficiencies were nearly a standoff, however, at about 85%. As in previous

comparisons, the scheme utilizing delayed coking produced somewhat less sulfur

and ammonia byproducts with the fuel-grade coke accounting for the difference.

Results of processing Santa Maria Valley crude, a heavy oil from California,

are summarized in Table 23 for three upgrader types: delayed coking (case
B4), hydrovisbreaking (case X4) and the ART process (case Y4). In contrast to

the bitumen feedstocks, the crude oil included a significant proportion of

straight run distillate (, 650°F) which bypassed upgrading. Straight run

naphtha and gas oil were combined with similar streams exiting the upgraders,

for subsequent refining (again, via naphtha hydrotreating and gas oil recycle

hydrocracking) to finished products.

Yields of JP-4 fuel, based on purchased crude, ranged from 78 to 92 volume

percent, with the relative staidings of the upgraders being hydrovisbreaking >

delayed coking > ART. As with the Kentucky bitumen, the ART process left

more of the feed in the >1O000F boiling range than the other two approaches,

and the volume of resid to fuel sales swelled accordingly. The three process

schemes provided nearly comparable thermal efficiencies, ranging from 79 to

83%, and ranked as delayed coking > ART hydrovisbreaking. Process

efficiencies were slightly lower than in the bitumen comparisons, possibly

reflecting the additional step of crude distillation.
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Several processing alternatives were examined for the conversion of the heavy

California crude oil, all employing hydrovisbreaking as the upgrading step.

These alternatives, and the respective case studies for comparison, are dis-

cussed below, with the refinery balances summarized in Table 24.

Fluid catalytic cracking (case study X5) of the combined straight run gas oil

plus hydrovisbroken gas oil was compared to hydrocracking (case study X4) of

the same blend. A remarkable shift in refinery product distribution occurred,

with the FCC case supplying a product slate much more representative of what

is used by the general public. For the FCC configuration, production of JP-4

turbine fuel and butanes was less than half those obtained by hydrocracking,

while the broader spectrum of fuels included significant yields of gasoline,

number two burner fuel and residual fuel. As expected, the approach employing

FCC was considerably more energy efficient, at roughly 88% versus 79% for that

utilizing hydrocracking.

In case study X4A, hydrogen was generated by resid partial oxidation, compared

to steam reforming of C3 and lighter hydrocarbons as in case study X4. The

substitution results in virtually no changes in product distribution, in yield
of aviation fuel, or even in overall process thermal efficiency. The only

chdnge of consequence was a shift in the quality of purchased supplemental

liquid fuel, from about 3500 BPSD of cutter stock in case X4 to about 3000

BPSD of bunker fuel for the partial oxidation alternative.

The effect of hydrovisbreaker operating severity was addressed via case study

X4b, in which nominal residuum conversion was 90%, compared to the 85% for

case study X4. The shift produced a slightly greater yield of JP-4 and bu-

tane, while the modest volume of resid for sale disappeared. Purchase of

supplemental fuel increased for the higher conversion case, although overall

thermal efficiency was not affected. Altl.augh the yield of JP-4, based on

purchased crude is increased about 2-1/2% (94.7 versus 92.2 volume percent),

the yield based on total volume purchased (crude plus fuel supplement) was

largely unchanged.
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7. Utilities

For each case study, estimated utility requirements for individual operating

areas have been sunned to arrive at overall refinery utility demands. These

requirements are summarized in Table 25. As indicated in the discussion of

*- refinery fuel balances, the fired heater requirements listed in column 1 are

satisfied, where feasible, by internally generated gaseous and/or residual

fuels. The steam boiler firing requirements are met by any additional fuel

surplus or by burning delayed coke. Any remaining unmet fuel requirements are

satisfied by purchased bunker fuel.

Power requirements. shown are for the entire refinery complex operating at

capacity. Power is purchased.
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SECTION V

ECONOMIC ANALYSIS

1. Introduction

Tnis section presents estimates of plant capital investment, operating costs,

and the results of venture analyses for the fifteen processing case studies

detailed in the preceding sections. Economic bases for the analysis are also

presented.

For these studies, project scope encompassed only the processing of the bi-

tumen or heavy crude feedstock, delivered to the refinery gate at the

specified price. Extraction of the bitumen or crude oil resource from the

deposit was not included. Variations in the technology of resource

extraction, which could drastically alter the properties of the feedstock and
significantly impact ease and/or cost of processing, were not assessed.

Treating the resource extraction step and the processing step as independent
operations precludes any potential advantages to be gained in an integrated

operation. This is likely a minor consideration for the crude oil refinery,
but it could be significant for the much smaller bitumen refinery, or where

intricate extraction methods are employed. Given the poor transport pro-

perties of bitumen, and the considerable energy and technology input required

to sepdrate bitumen from some sands, an integrated operation might demonstrate

substantial benefits over the nonintegrated case.

2. Economic Bases

Tne bases used in performing the economic analyses of the various case studies

were established during correspondence between the U. S. Air Force technical

monitor and the contractor program manager. They are presented in Table 26.
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Plant capacity was 7,500 BPSD for the bitumen refineries and 50,000 BPSD for

the heavy crude oil refinery. Although the feedstocks under study originated

in four geographically separate locales, refinery location was defined as Salt

Lake City, Utah. Reflecting the smaller size and potentially more difficult

processing task for bitumen feeds, plant offsites were 80% of battery limits

(excluding tankage); for the heavy oil refinery, offsites were 45% of battery

limits (less tankage).

Plant capital investment was expressed in 3rd quarter 1983 U. S. dollars, with

100% equity financing. A three-year plant construction period was assumed for

all cases, with construction starting January 1, 1984. Plant operations thus

begin on January 1, 1987, lasting through December 31, 1999. During the first

year, the plant operates at 50% of capacity, increasing to a 90% on-stream

factor after the start-up year. An investment tax credit of 10% was taken

during the first year of operation.

All feedstocks cost $25/barrel as did bunker fuel oil. When the refineries

sold surplus residuum, it was priced only at the value obtained when blending

with $35.50 per barrel cutter stock to give a $25/barrel residual fuel oil of
commercial quality.

Tie economic equation was solved for the plant gate price of all clean liquid
transportation fuels (i.e. gasoline, aviation turbine fuel or number two

diesel fuel) combined, to obtain the indicated 15% discounted cash flow rate
of return. For these preliminary estimates, all clean liquid fuels were

priced at equal value, although actual market prices for these products could

include a spread of 5% or more.

For working capital purposes, product inventory was valued not at the

solved-for product price, but at fixed levels of $65 per barrel for bitumen

refinery case studies or $45 per barrel for heavy oil cases.
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3. Determination of Fuel Costs

Cost elements that determine projected fuel selling price are total capital

investment and annual plant operating costs. These are discussed in the

following subsections.

a. Plant capital

For each case study, capital costs were estimated for the major operating

units of the refineries. These estimates consisted of curve-type estimates,

based either on published information, previous vendor quotes, or information

developed in-house. The capital equipment cost data were updated to reflect

third quarter 1983 construction costs and adjusted for construction in the

Salt Lake City, Utah location. Table F of Appendix F shows the breakdown of

installed costs for the individual process operating units comprising the

battery limits capital for each case study.

Offsite facilities were determined as a percentage of the battery limits.

Thus, boilers, cooling towers, stacks, flares, fire and pollution control

facilities, sidings, and the like were not separately estimated.

The capital costs for plant tankage for both feed and products were estimated

in accord with the criteria listed in Table 26. All tanks were of carbon

steel, and consisted of API cone roof type for all liquids, and spherical

types for butane.

Working capital, or recoverable money invested to get the refinery started

into production, is represented by inventories of feedstocks and finished

products. The bases for these estimates, including the borrowing cost, are

included in Table 26. In all cases, a fourteen-day inventory of feedstock and

a seven-day inventory of products were assumed.

b. Operating Costs

Refineries were assumed to have a 50% on-stream factor for the first year, and

a 90% on-stream factor in subsequent years. Plant start-up contributed an
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additional one-time cost of ten percent of fixed capital (i.e., battery limits

plus tankage). During the start-up year, feedstock and utilities costs re-

flected the 50% on-stream factor, although labor-related costs are at full

load.

The principal operating cost item was the purchase of feedstock, delivered at

$25 per barrel for all cases. Utilities costs included purchased power, water
for both cooling and boiler feed, and the incremental liquid fuels required

for boiler firing (No. 6 bunker fuel at $25 per barrel) or for residual fuel

blending (No. 2 cutter stock at $35.50 per barrel).

Other operating cost factors are as defined in Table 26.

c. Product cost estimates

The cost parameters described in the preceding sections were input to the

corporate venture analysis economic model, to determine the plant gate price

of the fuels required to give a discounted cash flow rate of return of 15%.
The plant operated for 13 years, and had zero salvage value at the end of this

period. For tax purposes, a five-year accelerated cost recovery system ap-

plies under current tax regulations. Combined federal and state taxes were

assumed to total 50t of the profit before taxes. All clean liquid transporta-

tion fuels (i.e., naphtha, gasoline, aviation fuel and no. 2 distillate fuel)

were assigned a common product value. Results of the venture analyses are

summarized in Tables 27 through 32. Case studies are grouped according to

feedstock source to facilitate comparison.

Table 27 presents projected costs for converting Santa Rosa (New Mexico)

bitumen to aviation fuel by three upgrading approaches, viz., delayed coking

(case BI), hydrovisbreaking (case Xl), and fixed bed residuum hydrotreatiny

(case Zl). Refining to finished products, in all cases, consisted of naphtha

hydrotreating plus distillate hydrocracking.
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Total capital requirements ranged from about $256 million for the delayed

coking scheme to about $309 million for the residuum hydrotreater. The

hydrovisbreaking case required, at about $272 million, about six percent

more capital than the delayed coking case. Annual operating costs for

the plants, when operating at capacity, ranged from a low of $74 million

for the delayed coking case to a high of $80 million for the hydro-

visbreaking case, with the residuum hydrotreater intermediate between the

other two.

Projected fuel costs, shown in both dollars per barrel and cents per

gallon, were lowest for the hydrovisbreaking case, intermediate for the

delayed coking case, and highest for the resid hydrotreater case. At

$70.5/bbl and $76.6/bbl, the latter two cases yielded fuel costs which

were about 8% and 17% higher, respectively, than the $65.5/bbl of the

hydrovi sbreaker.

Table 28 presents projected costs for processing Kensyntar (Kentucky)

bitumen by three upgrading approaches, viz., delayed coking (case B2),

hydrovisbreaking (case X2), and the ART process (case Z2). The refining
processes included ndphtha hydrotreating and distillate hydrocracking to

produce finished aviation turbine fuel.

Total capital requirements were lowest for the ART case at $228 million,

slightly higher for the delayed coking scheme at about $239 million, and

highest for the hydrovisbreaking approach at $266 million. Estimated

annual operating costs, after the start-up year, were approximately a

stand-off for the delayed coking and ART cases, at about $76 million. At

$80 million, annual operating costs for the hydrovisbreaking case were

about 5% higher than the other two.

The projected costs of fuel products to achieve a 15% discounted cash

flow rate of return were $63.1/bbl for the delayed coking case, $63.6/bbl

for hydrovisbreaking, and $79.7/bbl for the ART approach. Thus, the fuel

costs in the latter two cases were about 1% and 26% higher, respectively,

than that projected for the delayed coking case.
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Table 29 compares processing Kentucky bitumen into JP-8 type fuel (case

X6) with that for JP-4 type fuel (case X2), when using the hydro-

visbreaking process for upgrading. Total capital requirements for the

two cases were essentially the same at $266 million. At about $80 mil-

lion, annual operating costs were some 1% higher for the JP-4 processing

sequence. However, estimated manufacturing cost for the JP-8, at

$66/bbl, was about 4% higher than for producing JP-4. This comparison

assumed that two different grass roots refineries were constructed to

satisfy the designated product slates. It should not be construed that

these same differentials apply if a refinery designed for one product
slate was adjusted to meet the demands of the other product slate.

Two upgrading alternatives were evaluated for the processing of Utah

bitumen into JP-4 fuel. These were delayed coking (case B3) and hydro-

visbreaking (case X3). For both cases, the refining section of the

refinery consisted of naphtha hydrotreating and distillate

hydrocracking. Results of the economic analysis are presented in Table

30.

Total capital requirement for the hydrovisbreaking case was $241 million,

about four percent higher than the $232 million required for the delayed

coking scheme. Annual operating costs were also higher for the hydro-

visbreaking case, at $80 million, versus $75 million for the system

employing delayed coking.

Projected fuel manufacturing cost was $57/bbi when using the hydro-

visbreaking process, compared to $64/bbl for delayed coking, a difference

of about 12 percent.

Studies of the processing of the California heavy crude oil are sum-

marized in Table 31. Upgrading by delayed coking (case B4) is compared

with upgrading by hydrovisbreaking (case X4) and by the ART process (case

Y4). Total capital requirements for the three cases were nearly the same

at about $760 million. The highest, hydrovisbreaking, and the lowest,

ART, differ by only about 1%. Annual operating costs were similarly
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close. At $506 million, those for hydrovisbreaking were only about 2.5%

greater than for the lowest, which was delayed coking.

Estimated fuel costs for the hydrovisbreaking and coking approaches were

comparable, at $44.5/bbl. Fuel cost via the ART technique was projected

to be about 10 percent higher, at $49/bbl.

Table 32 compares the effects of several processing alternatives on the
estimated costs for converting California heavy crude oil to JP-4. The

atmospheric tower bottoms cut from the crude was upgraded by hydro-

visbreaking. Also common to all four case studies was the refining of

naphtha by hydrotreating.

Replacement of the distillate hydrocracker (case X4) with the FCC (case
X5) unit reduced capital requirement by 5%, from about $766 million to

$728 million. The reduction was not as great as might have been antici-
pated by the elimination of a hydroprocessing facility. The reason for

this is that a sizeable hydrotreater is still required to reduce FCC feed

contaminants which would cause excessive deactivation of the catalyst.

Annual operating costs for the FCC case were $450 million, reduced about

ll from the reference case. In spite of the cost savings, however, the

projected fuel costs were virtually a standoff, at $44.5/bbl for case X4

and $44.0/bbl for case X5.

Substitution of d resid partial oxidation unit for the light hydrocarbon

steam reformers (case X4A vs. X4) to generate process hydrogen resulted

in a 9% increase in total capital, to $788 million, while annual operat-

ing costs were marginally reduced (<3%) to $492 million. The impact on

projected fuel cost was minimal, however, at $44.8/bbl for case X4A and

$44.5/bbl for case X4.

A scheme based on operation of the hydrovisbreaker at higher severity

(case X4B vs. X4) required a slightly increased capital requirement -- up

about 2.5 percent to $785 million -- and a slightly higher annual cost to

operate. Projected fuel costs were only marginally reduced, however,

from $44.5/bbl to $44.2/bbl.
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L.

4. Comparison of Upgrading Alternatives

To facilitate evaluation of the four different upgrading processes re-

viewed in the preceding discussions, key data have been extracted from

the series of case studies and compared in the accompanying bar charts.
For each feedstock, the comparison represents variations only in the

upgrading step. All others, such as crude fractionation, refining pro-

cesses and auxiliaries, have been kept constant. The parameters compared

are discussed below:

Fuel yield - is the estimated volumetric yield of JP-4, as a per-

cent of refinery feed. In some case studies, the

refinery required significant purchases of cutter

stock or bunker fuel in addition to crude. Therefore,

the volumetric yield was shown both as volume percent

of total liquids supplied (dashed bar) and as volume

percent of refinery fresh feed (solid bar). Where

only one bar is shown, no supplemental fuel or cutter

was purchased.

B-O-B yield - represents the yield of bottom-of-the-barrel type

products produced for external sales. For the delayed

coking case studies, the bars represent weight percent

of feed. When residual fuel is produced, the bars

represent volume percent. For the California heavy

crude oil, two levels are shown. The lower bar repre-

sents the yield based on whole crude; the upper bar

represents the yield based on the atmospheric resid

fraction (i.e. > 6500 F) of the crude that is supplied

to the upgrader. The yields of residual fuel shown

are net, as produced. The figures do not include the

cutter stock needed to blend the resid fuel to a

marketable viscosity. The B-O-B bar charts include an

indicator of the limiting ten percent maximum B-O-B

yield defined in the contract statement of work.
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Efficiency- expresses the overall refinery thermal efficiency,

taking into account all streams in and out of the

refinery, including purchased fuels, utilities, and

product sales. The efficiency bar charts include an

indicator of the limiting seventy percent minimum

whi,i was defined in the contract statement of work.

Capital - indicates the capital investment in millions of dol-

lars estimated for each case study. The solid bar

represents the total capital requirement, consisting

of fixed capital (below the dashed bar) and working

capital (above the dashed bar).

Fuel cost - expresses the projected fuel cost in dollars per

barrel over the life of the project necessary to

obtain a 15% discounted cash flow rate of return on

plant investment.

Figure 14 summarizes the three case studies made assuming bitumen from

New Mexico being processed. The upgrading processes being compared are

delayed coking (coded "DLC" in Figure 14), hydrovisbreaking ("HVB") and
fixed bed residuum hydrotreating ("RHT"). In terms OT aviation fuel

yield, hydrovisbreaking offered a clear advantage over the other two

routes, with the resid hydrotreating intermediate and delayed coking

ranking third. In all cases, however, yields were relatively attractive,

exceeding about 80 volume percent. The same relative ranking applied

when looking at yields of bottom-of-the-barrel products, i.e., hydro-

visbreaking produced the least, with residuum hydrotreating intermediate,

hile deldyed ccking produced the most. In the last instance, coke yield

was about two times the target of ten percent.

All three case studies produced estimated refinery thermal efficiencie!

well above the target seventy percent. The delayed coking route appeared

to offer a slight efficiency advantage over the other two, which were

comparahle.
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The spread in total capital across the three cases was substantial, at

about 20 %. The delayed coking route required the least, followed in

turn by the hydrovisbreaking approach and the resid hydrotreating case.

Variations in working capital were nominal. The major differences were

in the increased fixed capital associated with hydrogenative processing.

As indicated, projected fuel costs were lowest for hydrovisbreaking,

intermediate for delayed coking, and highest for residuum hydrotreating.

Figure 15 summarizes the three case studies for processing bitumen from

Kentucky. The three upgrading processes are delayed coking ("DLC"),

hydrovisbreaking ("HVB"), and Asphalt Residual Treating ("ART").

The bar chart illustrating fuel yield indicates a relatively wide spread

among the three. Hydrovisbreaking showed a slight edge over coking,

while both yielded substantially more JP-4 than the ART approach. The

B-O-B yields were consistent with the JP-4 yields, with the hydro-

visbreaking scheme producing very much less than either coking or ART

processing. Coke yield was somewhat higher than the B-O-B target of ten

percent, whereas the ART process route produced better than twice the

target maximum of residual fuel.

Again, all three process schemes readily exceeded the minimum overall

thermal efficiency target of seventy percent. In order of decreasing ef-

ficiency, they ranked: delayed coking - hydrovisbreaking > ART.

The impact of hydrogenative upgrading is evident in the comparison of

total capital requirements. Total capital was highest for the hydro-

visbreaking route, intermediate for the delayed coking, and lowest for

the ART, with that for hydrovisbreaking about 16 % higher than that for

ART.

A very substantial variation in projected fuel costs was obtained, with

that for ART being well above the other two, which were at a standoff. In
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the main, the high fuel cost for ART processing resulted from the high

proportion of resid to clean fuel in the product slate. Since the market

value of the resid was fixed, that portion of capital to be recovered by

floating the value of the clean fuels was spread over a much smaller

base. This accounted for the apparent anomaly that the ART process, with

lowest capital and lowest annual operating costs, yielded the highest

fuel cost.

Figure 16 displays the important parameters generated for processing

bitumen from Utah. The two case studies compare delayed coking ("DLC")

with hydrovisbreaking ("HVB"). The yield pattern highly favors hydro-

visbreaking, with a projected JP-4 yield exceeding 100 volume percent of

fresh feed. The yield from the coking scheme was a very respectable 80+

%. The B-O-B yields were consistent with the fuel yields, with minimal

low grade products produced by hydrovisbreaking. The coke yield was

somewhat greater than the maximum goal of ten percent. Both process

routes showed overall refinery thermal efficiency well above the seventy

percent minimum target, with delayed coking gaining a slight edge over

hydrovi sbreaki ng.

In total capital requirements, delayed coking had a slight edge over the

more capital intensive hydrovisbreaking. By virtue of its much higher

yield of JP-4, the hydrovisbreaking route resulted in a substantially

lower projected fuel cost than for the delayed coking scheme.

Results for the processing of Santa Maria Valley heavy crude oil are

summarized in Figure 17. These case studies are distinguished from the

three preceding sets by 1) nominal refinery size was 50,000 BPSD versus

7,500 BPSD for the bitumens, and 2) the whole crude was fed to an atmos-

pheric crude tower for topping, and only the long residuum ( > 650°F)

fraction was supplied to the upgraders. Upgrading processes compared

were delayed coking ("DLC"), hydrovisbreaking ("HVB"), and Asphalt

Residual Treating ("ART").
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Yields of JP-4 were nearly comparable for coking and hydrovisbreaking,

but substantially lower for ART. The yield of B-O-B products was nil for

hydrovisbreaking, and approximately at the target level of ten percent

for coking, when calculated on feed to the coker. On the same basis,

resid yield from the ART process was about 1-1/2 times the target B-O-B

yield. All three process schemes produced overall thermal efficiencies

in the neighborhood of 80 %, with a slight edge to the coking alternative.

Total capital requirements for the three alternatives were surprisingly

close (note the change in scale from the three preceding bar charts),

with only about a one percent spread between the lowest and highest

totals.

Projected fuel costs showed a moderate disadvantage for the ART case

study, while the coking and hydrovisbreaking approaches produced com-

parable projections. As with the Kentucky bitumen studies, the principal

reason for the higher fuel costs for the ART case is the reduced yield of

clean fuels over which costs are spread.

The impact of refinery size on projected fuel manufacturing costs is

readily apparent in these studies. For the eight core cases in which a

bitumen was being processed through a 7,500 BPSD facility, product costs

ranged from a low of $57.4 per barrel to a high of $79.7 per barrel of

fuel. By contrast, for the three core cases in which the California

heavy crude was processed at a 50,000 BPD rate, projected fuel costs

ranged from a low of $44.5 per barrel to a high of $49.0 per barrel.

Since refinery operating costs per unit of throughput capacity fluctuate

only narrowly, this cost difference is almost exclusively the result of

the higher capital investment per unit capacity required for the smaller

bitumen refineries.

The relative standings of the four upgrading approaches, based on the

five key determinants just compared, have been estimated. The estimating

was necessary because the study did not include all sixteen core studies

that could have been made (four upgraders, four feeds). The results were

as follows:
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Fuel yield Hydrovisbreaking provided the highest estimated yield

in all four series. Ranking of the other three up-

graders, in terms of decreasing fuel yield, was:

residual hydrotreating > delayed coking > ART.

B-O-B yield Hydrovisbreaking gave the lowest estimated yield in

all four series. Ranking of the other three processes

was: residual hydrotreating < delayed coking < ART.

The limiting yield target of 10% maximum would appear

to rule out both delayed coking and the ART process.

Thermal Delayed coking gave the highest overall refinery ther-

efficiency mal efficiency in all four series. The other three

upgraders are estimated to provide arproximately

equivalent thermal efficiencies. All four upgrading

approaches appeared readily capable of achieving the

target 70% minimum.

Capital costs The ART process gave lowest total capital in one of

two series and was comparable to delayed coking in the

second. Delayed coking gave lowest capital in two of

four series and tied the ART for lowest in a third

series. Standings were assigned as follows, in order

of increased capital requirements: ART < delayed

coking <hydrovi sbreaking <residual hydrotreating.

Fuel cost Hydrovisbreaking gave the lowest cost in two of four

series, was comparable to delayed coking in a third

and slightly higher than coking in a fourth. Stand-

ings were assigned as follows, in order of increasing

costs: hydrovisbreaking < delayed coking < residual

hydrotreating< ART.
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To summarize, for a refinery configuration selected to emphasize JP-4

production, upgrading by hydrovisbreaking offers clear advantages over

the other three upgrading methods. These advantages include higher

estimated JP-4 yields and, conversely, lower yields of bottom-of-the-
barrel products. As a result, projected fuel costs are lower. There is

a price to be paid for these benefits, however, and it appears as a
somewhat reduced thermal efficiency, and a somewhat elevated capital
investment.
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SECTION VI

CONCLUSIONS

1. About 33 billion barrels of heavy crude oil are known within major

U.S. reservoirs. Two thirds of this resource are i.i California, with

lesser amounts in Texas, Alaska and Arkansas. The estimated recovery

potential is between i and 20 billion barrels, dependifig oil the
technology and economics prevailing. Current U.S. heavy crude

production is about J.22 billion barrels annually.

2. Domestic tar sands deposits are numerous and scattered, but not

extensively characterized. The major deposits, both known and

speculative, may contain between 22 and 52 billion barrels of

bitumen. Utah contains about uO percent of the known resource;

Texas, California and Kentucky also contain significant deposits. If

only 10 percent of the resource were recoverable, domestic bitumen

reserves would be some 5 billion barrels.

3. High severity processing is required to convert heavy crude oils or

bitumens into transportation fuels. The major structural changes

required are:

- reduce molecular weight to obtain lower ooiling range

- increase hydrogen:carbon ratio

- reduce nomi-hydrocaruon or heteroatom content (sulfur, nitrogen)

- lower contaminants (trace metals, mineral matter)

4. To accomplish this, a twu-step processing approach has been

formulated. In the upgrading step, heavy feed is cracked into

distillaDle liquids while trace metals are removed and coke-formers

rejected or converted to less troublesome form. Liquid intermediates

are further hydrorefined and hydrocracked at the second, or refining

stage to produce finished aviation fuels.
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5. Four upgrading processes were evaluated for processing three domestic

bitumens and one heavy crude oil into high yields of JP-4. The

upgraders were 1) delayed coking, 2) hydkovisbreaking, 3) the ART

process, and 4) residuum hydrotreating. Based on preliminary

estimates of refinery material and energy balances and comparison of

economic parameters, hydrovisbreaking dppeared the most suitable.
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SECTION VII

RECOMMENDATIONS

1. The Phase I preliminary process estimates indicated hydrovisbreaking

to be an attractive upgrading technique, when employed i,, combination

with naphtha hydrotreating and naphtha hydrocracking, for converting

very low quality feedstocks into aviation turbine fuel. It is recom-

mended that Phase II, the small scale experimental portion of this

program, continue with the investigation and demonstration of the

suitability of the hydrovisbreaking process for this application.

2. Large cost penalties are incurred for the fully integrated bitumen

refinery designs, when based on a nominal 7,500 BPSD capacity. Al-

though beyond tne scope of the current study, it is recommended that

consideration be given to alternate processing approaches which could

take oetter ddvantage of refining economies of scale. Given tihe poor

transport properties of most bitumens, it may be appropriate to con-

sider an on-site bitumen upgrader which produces a transportable syn-

thetic crude. Refining of the synthetic crude to transportation

fuels could be done on a larger scale in either d centrally located

refinery of conventional design or in a refinery dedicated to the

processing of synthetic crude.

-79-



-e4-n
c a)

.- -e4
4- 0

w CLO

L

S-4-
4-o 0-(

S-a)

-

4-))

CD.)

U-

LU

4- L

CL)

L.

-80. a



u~Du

SS.

L-4-

CfU)

LA

S 0 4-)

(a

04-)
EU

CYa)

a)4-' 0
00 ra

CA SI - >(x

a) fu > of 0
m 0

0 S.
F--0 a) a) to
a) le 4-) '

LI) 0
a) 4-

cc



C:/

4-))
C-' 4->- ' U.C.)-

4-). U

>))

S--
4-))

-4 0

o t-

4.. 0

M4 L

IZ7)

a) - a

L) (D...a)) 0)

oo 4-)C

-82-

~ *.*.,..*..**.**.*' ~r- e--------------------------------



C)
E

Cr)

C I

a)0.- -

4- 0Z!- 4-). 0 0
>) 5 S > rL .

0

4-'0 4-'0

(AA

-0 0 -

S- o -; F 0- 0

4-'-

4-
0C

0~ E. 0 )-

4-) 4-) t

-83-4



-oo

4- 4-)-: L
0 4-)

r4J 0.
ro LL 4-)

LL 0- 0 0-
S-)

CL 0 E

G) 4-4i

1.a) 0)

Ll-84-



R-I61 300 TURBINE FUELS FROM TR SMIS BITUMEN AND HEMV OIL 2/2

PHASE I PRELIMINARY PR.. (U) SUNTECH INC MARCUS NOOK PR
RFTALBOT ET AL. 09 APR 95 RFNL-TR-85-2913

I UNCLSSIFIED F3361.5-83-C-2352 F/O 21/4 ML

EEIoEn~hh



1.0 :t 11-181 JL5 1.8.

MICROCOPY RESOLUTION TEST CHART

NA D

III-
336 hill

tXI'll't.~ jjjj

. ... .- . .. . - '. o:,.:.,. i-. . ... .' .1 . 1:- * . 140 - . -" "; " " ."., " , .



- -. -. 1. -E 71 1. r

co

CL X

I ji -
LJ LL L

- - z (J r~

:DC

to

C-)

Q

Li,

tm

Ic co

miii

XLf

-85-



1f j j
U! P

Cc Q FT 7

LLJ -Ji.u

I C)

r0

U

-86-

2.1



*-' L6

M L.JZ. QUn I'

cc c
Z j z -

z lr W w

tLO7 UKzQ -
___ 0

F'S

m CO

cL Cl-
zI

4-

-W0

3:-

-

jaj

Ma z0

-87



4 X z -tp w L s0
'n P- )I#iIK

0 ..

LiL4Ja

-

wLU

0

Ti
x:

!r

-88-



- CZ

a W-C:

zz

U
Wex

I --

S-

_894-



a.
a-x -
a- 6
L) ~

qU

0 V)
w 2

w z C

Z!000

LLZLM

- U-

- Fo

4A

* I4-

-90-)



r, -r -.

C ) LUSL a:
* :z

Lfa)

.4-)

a)

3:
0

U-

0 4-.
coU

INE

OZ)

ccU

Cc)



w w CC

z Lf)-.

z

z z

w m

~J .4

I.-

4.-

0
s.-

4-)

El C)

z

4-)

LIu

-92--



ziC

1c r

LO~

Gi

I-
'u

0

L.-

is.

-93-



(z r

00 0
w -LU

Lu

CA :)

- 4-)
z Ci- -0

.'J
IXu

-94a-

0)I
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Figure 14. Summary of Case Studies for Processing Bitumen
from New flex ico
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ART Asphalt residual treating
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Figure 15. Summary of Case Studies for Processing Bitumen
from Kentucky
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Fiqure 16. Summary of Case Studies for Processing Bitumen
from Utah
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Ficiure 17. Summary of Case Studies for Processinq Heavy
Crude from California
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TABLE 1

DISTRIBUTION OF U.S. HEAVY OIL RESERVOIRS BY STATE

Millions of Barrels

Reserves

State Resource1  Proven Potential

California 19,480 4035 11,700

Texas 5,840 570 2,600

Alaska 3,000 - -

Arkansas 2,110 110 -

Louisiana 1,110 25 320

Wyoming 1,090 145 -

Others - 45 -_.-_

32,630 4930 14,620

1 For reservoirs which contain at least 1 million barrels.

Source: References 4, 5
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TABLE 2

MAJOR HEAVY OIL RESERVOIRS OF THE UNITED STATES

Resource: Oil-in-Place

State Field Name (County) (Million Bbls.)

Arkansas Smackover Old (Union) 1,6U0

California San Ardo (Monterey) 1,200

Bel ridge (Kern) 1,470

Kern River (Kern) 2,900

Cat Canyon (Santa Barbara) 400

Santa Maria (Santa Maria) 350

Coffee Canyon (Kern) 450
Cymric (Kern) 600

Kern Front (Kern) 650

Midway Sunset (Kern) 4,500

McKittrick (Kern) 900
Lost Hills (Kern) 400

Edison (Kern) 600

Mount Poso (Kern) 400

Poso Creek (Kern) 700
Wilmington (Los Angeles) 1,000

Yorba Linda (Orange) 350

Louisiana Caddo Pine Island (Caddo) 750

Texas Hawkins (Wood) 3,000

Humble (Harris) 350

Hull (Liberty) 400

Sour Lake (Hardin) 300

Wyoming Garland (Big Horn) 300

Source: Reference 5
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TABLE 3

QUALITY PARAMETERS OF HEAVY CRUDE OILS

General Specific

Low hydrogen/carbon Heteroatom content

High molecular weight sulfur

Low distillate yield nitrogen

High pour point oxygen

High viscosity Trace metals

High specific gravity nickel

High carbon residue vanadium

High asphaltenes iron

Contaminants

water

particulates

Chemical type
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TABLE 5

DISTRIBUTION OF BITUMEN DEPOSITS BY STATE

Millions of Barrels

Resource' Reserves

State Known Speculative

Utah 13,150 6,960 2,011

Alaska - 10,000 1,000

Alabama 900 4,600 550

Texas 3,850 900 475

Callfornia 2,040 2,600 464

Tri-state (Kansas 220 3,500 372

Missouri,

Oklahoma)

Kentucky 1,785 1,700 348

New Mexico 130 160 29

Wyoming - 100 10

TOTALS 22,075 30,520 5,260

1 For deposits which contain at least 100 million barrels.

2 Based on known plus speculative, assumes 10% recoverable.

Source: Reference 4
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TABLE 6

SIGNIFICANT TAR SANDS DEPOSITS

Resource, millions of barrels
State Deposit Known Speculative

Utah Asphalt Ridge 580 80

Circle Cliffs 580 1,230

Hill Creek 320 530

Nequola Arch 730 160
P. R. Spring 2,570 3,050

San Rafael Swell 300 200
Sunnyside 4,900 870

Tar Sand Triangle 2,500 520

Others 670 320

13,150 6,960

Texas Anacacho 530 _

Hensel 120

San Miguel 0 3.200 _

3,850 900

California CasMalia 120 130

Cat Canyon 930 270

Edna (Arroyo Grande) 230
Oxnard (Vaca & lower) 500 165

Santa Maria Foxen - 2,250

Others 210 100

2,040 2,595

Source: Reference 4
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TABLE 8

FEEDSTOCK CHARACTERISTICS

Type Bitumen Heavy Crude
Residue

Source New Mexico Kentucky Utah California 2

Physical properties

API gravity 8.5 9.2 10.3 6.2
Sp. gravity 60/60 1.011 1.006 0.998 1.028

Distillation, OF @ __ %I

IBP 158. 496 - 660
5 486 570 569 -

10 558 612 700 765
20 680 692 858 -
30 785 799 - 867
40 889 890

50 - 980 - 964
EP 9430 @ 10050 @ 10000 @

45% 52% 28%

Conradson carbon, wt. % 17.4 15.0 13.3 9.9

Chemical analysis, by weight

Carbon, % 86.6 83.3 84.4
Hydrogen, % 10.4 11.0 11.0 -

• Nitrogen, % 0.31 0.52 1.00 0.95
. Oxygen, % 1.31 - 2.2 -

. Sulfur, % 2.16 1.53 0.75 6.03

- H/C atomic ratio 1.44 1.58 1.56

* Results for Kentucky and Santa Maria samples by vacuum distillation;
others by gas chromatographic simulated distillation.

2 Ddta for 650°F bottoms fraction, which is 638 vol.% (69.0 wt.%) of whole

crude. See Appendix A for whole crude properties.

3 Values estimated, based on other California crudes.
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TABLE 8 (CONT'D)

FEEDSTOCK CHARACTERISTICS

Type Bitumen Heavy Crude

Residue

Source New Mexico Kentucky Utah California 2

Chemical analysis. by weight (Cont'd)

Ash, % - 0.22 0.11 0.043
Nickel, ppm 13.7 - 98 1042
Vanadium, ppm 24.9 175 25 943
Ir-on, ppm -91 - 1143

Hydrocarbon composition. wt. %

Sdturdtes 28.7 -25.7

Aromatics 13.5 -24.9

Polar aromatics 36.0 -33.4

Asphaltenes 21.8 -16.0

I. Results for Kentucky and Santa Maria samples by vacuum distillation;
others by gas chromatographic simulated distillation.

2 Data for 650OF bottoms fraction, which is 638 vol.% (69.0 wt.%) of whole
crude. See Appendix A for whole crude properties.

3 Values estimated, based on other California crudes.
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TABLE 9

DELAYED COKING PROCESS ESTIMATES

Operating Conditions: Feed 31,900 BPSD 650 0Ft from heavy crude, or
7,500 BPSD bitumen

Steam 4.05 lb/bbl. feed
Heater outlet 900*F
Drum pressure 28.3 psig

Feed type Bitumen Heavy Crude
Feed source Santa Rosa, Kensyntar, P. R. Spring, Santa Maria

New Mexico Kentucky Utah Valley, CA

Feed °API 8.5 9.2 10.3 6.2

Case study 81 82 B3 B4

Product yields, % feed wt. vol. wt. vol. wt. vol. wt. vol.

C3 & lighter, H2S 8.6 6.1 7.6 7.2
Butane 2.6 4.6 1.8 3.1 2.3 4.0 2.1 3.9
Cs+ Liquid 68.1 77.9 75.0 85.5 72.4 81.8 73.7 85.0

Cs - 490°F 18.8 24.2 23.3 29.4 23.8 29.9 23.7 30.4
490 - 900°F 49.3 53.7 51.7 56.1 48.6 51.9 50.0 54.6

Coke 20.7 17.1 17.7 17.0

Product properties'

Cs - 490°F
°API 48.4 46.0 46.6 44.7
Wt.% sulfur 1.14 0.66 0.32 2.54
Wt.% nitrogen 0.05 0.07 0.13 0.12

490 - 900"F
°API 20.9 21.1 19.8 18.5
Wt.% sulfur 1.53 1.04 0.54 4.22
Wt.% nitrogen 0.14 0.22 0.45 0.42

Coke
Wt.% sulfur 3.13 2.65 1.27 10.6
Wt.% nitrogen 1.12 2.28 4.24 4.19

' Based on feed to coker. For bitumens, this is 100% of refinery feed.
For heavy crude, the 6500F + fraction is 64 volume %, or 69 weight % of
refinery feed.
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TABLE 10

HYDROVISBREAKING PROCESS ESTIMATES

Operating conditions: Feed 31,900 BPSD 6500F+ from heavy crude, or
7,500 BPSD bitumen

LHSV I  0.6 to 0.8 hr- l
Avg. temperature 8250F
Total pressure 2,500 psig

Recycle gas rate 5,000 SCF/Bbl
Hydrogen consumed 820-915 SCF/Bbl

Feed type Bitumen Heavy Crude
Santa Rosa, Kensyntar, P.R. Spring Santa Maria Valley

New Mexico Kentucky Utah California

Feed OAPI 8.5 9.2 10.3 6.2 6.2 6.2

Case study Xl X2, X6 X3 X X5 X4B

Product yields, 1 feed wt. vol. wt. vol. wt. vol. wt. vol. wt. vol. wt. vol.

C3 & lighter, H2S 7.0 7.4 7.5 9.2 9.2
C4+ Liquid 94.3 103.7 93.8 102.5 93.9 105.3 92.0 101.0 92.0 101.0 92.0 101.0

C4 - 490*F 22.1 26.7 21.4 26.7 35.9 44.8 21.6 27.0 21.6 27.0 21.6 27.0
490 - 10000 F 59.9 66.7 60.8 66.1 50.7 54.4 54.6 60.0 57.9 62.9 59.0 64.0

>10000 F 12.3 10.3 11.6 9.7 7.3 6.1 15.8 14.0 12.5 11.1 11.4 10.0

Product properties3

C4 - 490F
°APT 39.5 45.4 45.1 40.7 40.7 40.7

Wt. % sulfur 0.32 0.28 0.11 0.83 0.83 0.83

Wt. % nitrogen 0.04 0.19 0.18 0.13 0.13 0.13

490 - 10009F

OAPI 26.1 22.3 20.5 24.0 20.12 24.0

Wt. I sulfur 0.87 0.57 0.39 2.23 2.31 2.23

Wt. S nitrogen 0.11 0.18 0.44 0.34 0.38 0.34

I Liquid hourly space velocity, in volumes feed per volume reactor per hour.

2 Based on feed to hydrovisbreaker. For bitumens, this is 100% of refinery

feed. For heavy crude, the 6500 F+ fraction is 64 volume %, or 69 weight S

of refinery feed.

3 For Case XS, cut point is 1050*F.
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TABLE I I

ASPHALT RESIDUAL TREATING (ART) PROCESS ESTIMATES

Operating conditions: Feed 31,900 BPSD 650-F+ from
heavy crude, or

7,500 BPSD bitumen
ARTCAT TM consumption 3.0 to 3.3 #/bbl. feed

Feed type Bitumen Heavy Crude

Feed source Kensyntar Santa Maria
Kentucky Valley, CA

Feed 0API 9.2 b.2

Case study Y2 Y4

Product yields, % feed wt. vol. wt. vol.

C3 & lighter, H2S 4.1 4.9
Butane 0.8 1.3 0.9 1.6
Cs+ liquid 83.7 88.0 85.5 89.7

Cs- 4900 F 17.6 21.6 13.2 16.3
490 - lO00F 37.8 39.9 46.0 48.6
>l0000F 28.3 26.5 26.3 24.8

Coke burned 11.4 8.6

Product properties'

Cs - 490°F
°API 40.7 38.0
Wt. % sulfur 0.17 0.8
Wt. % nitrogen 0.02 0.02

490 - IO00°F
0API 17.0 14.0
Wt. % sulfur 0.65 4.2
Wt. % nitrogen 0.15 0.18

1000°F+ bottoms
0 API 0.6 -2.0
Wt. % sulfur 1.21 8.2
Wt. % nitrogen 0.81 1.7

Based on feed to ART unit. For bitumen, this is 100% of refinery

feed. For heavy crude, the 650"F fraction is 64 volume %, or 69
weight %, of refinery feed.
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TABLE 12

SEVERE HYDROGENATION PROCESS ESTIMATE

operating conditions: Feed 7,500 BPSD bitumen
LHSV1  0.5 hr-l in each (of two) reactor
Avg. temperature 6250F In R-1; 800OF in R-2
Total pressure 2800 psig
Recycle gas rate 6000 SCF/Bbl
Hydrogen consumed 1,050 SCF/Bbl

Feed type Bitumen

Feed source Santa Rosa,
New Mexico

Feed OAPI 8.5

Case study zi

Product yields, % feed wt. Vol.

C3 & lighter, H2S 7.0
C4+- Ilquid 94.4 106.2

C4 490*F 14.9 18.3
490 -1000

0F 57.0 65.2
>1 0000F 22.5 22.7

Product proeerties

C4 - 490*F
OAPI 40.2
Wt. % sulfur 0.03
Wt. % nitrogen 0.04

490 - 10000F
0API 28.7
Wt. % sulfur 0.01
Wt. % nitrogen 0.09

1Liquid hourly space velocity, In volumes feed per volume catalyst
per hour
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TABLE 15

GAS OIL HYDROTREATING PROCESS ESTIMATE

Operating conditions: Feed 25,565 BPSD Santa Maria

LSVH,2Valley_ as oil blendx
LSVH, 2 1.0 hr'

Avg. temperature 6800F
Totdl pressure 1200 psig
Recycle gas rate 3000 SCF/bbl
Hydrogen consump 800 SCF/bbl
CatdlySt Nickel-molybdenum on

alumina

Case study X5

Feed properties Sp. Gr., OAPI 21.9
Boiling range, *F 495-1050
Sulfur, wt.% 2.35
Nitrogen, wt.% 0.32

Product yields. % feed wt. Vol.

C3 & lighter 2.8
W4 S 0.2 0.3
Cs-490*F 1.4 1.7
490-650OF 45.4 48.9
6500F+ 51.1 52.9

Product p operties

Weight %
Fradction 0API Sulfur Nitrogen

Cs-490*F 54.5 0.01 0.005
490-650OF 33.6 0.07 0.12
650*F+ 25.4 0.29 0.18

Feed is yield proportion blend of 490-650OF straight run gas oil with
490-IOOOOF cut from hydrovisbreaker.

2Liquid hourly space velocity, in volumes feed per volume reactor per
hour.
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TABLE 16

FLUID CATALYTIC CRACKING PROCESS ESTIMATE

Operating conditions: Feed 13,525 BPSD 650*F+
hydrotreated Santa Maria
Valley blend,

Catalyst zeolite type
Catalyst:oil weight ratio 8, by weight
Conversion level 76 volume %
Recycle:fresh feed 0.15, by volume

Case study X5

Feed proper-ties Sp. Gr., OAPI 25.4
Boiling range, *F 650-1050
Sulfur-, wt.% 0.29
Nitrogen, wt.% 0.18
Carbon residue, wt.% 0.1

Product yields, % feed wt. Vol.

C2 & lighter (ds FOE) 4.6
Cg's 11.7
C.' s 14.8
Cs' gasoline 52.2
Light cycle oil 20.9 19.2
Slurry oil 5.3 4.4
Coke 7.9 -

Product properties

Gasoline
(RtM)/2 81.0

Cycle oil
OAPI 12.6
Sulfur, wt.% 0.26

Slurry oil
OAPI -0.4
Sulfur, wt.% 0.20

VaCUUM gas Oil fraCtIon from hydrotredtIng 490-650*F straight run plus
550-1000*F hydrovisbreaker product (cf. Table 15 for details).
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TABLE 19

MATERIAL BALANCE SUMMARY FOR

PROCESSING BITUMEN FROM NEW MEXICO

Case study BI Xl Zi

Upgrading Delayed Hydro- Residuum

Coking visbreaking Hydrotreating

Refining Naphtha hydrotreating

plus

<- Distillate hydrocracking - .

Purchases, BPSD

Crude 7,500 7,500 7,500

Cutter stock - 496 -

Bunker fuel 207 - -

Products, BPSD

JP-4 6,033 7,020 6,335

Butane 1,168 1,140 870

Gasoline/naphtha - - -

No. 2 fuel -

Resid 167 518

Other, TPD

Coke 230 -

Sulfur 18.0 29.1 28.6

Ammonia 1.2 3.2 4.1

Aviation fuel yield, vol. % crude 80.4 93.6 84.5

Overall thermal efficiency, % 86.6 82.5 82.9
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TABLE 20

MATERIAL BALANCE SUMMARY FOR
PROCESSING BITUMEN FROM KENTUCKY

Case study B2 X2 fl
Upgradding Deldyed Hydro- ART

Coking visbreaking

Refining Naphtha hydrotreating-

plus

Distillate hydrocracking

Purchases, BPSD

Crude 1,500 7,500 7,500
Cutter stock -500 -

Bunker fuel 456

Products, BPSD

JP.-4 6,581 1,165 4,931

Butane 1,174 1,170 142

GdSOl lne/naphtha -

No. 2 fuel

Resid 117 1,744

Other, TPD

Coke 193 -

Sulfur 12.3 21.4 15.3
Anuiuionid 2.1 5.2 3.9

Aviation fuel yield, vol. % crude 87.8 95.5 66.8

Overall thermal efficiency, % 81.5 84.2 82.1



TABLE 21

MATERIAL BALANCE SUMMARY FOR

PROCESSING KENTUCKY BITUMEN INTO JP-4 OR JP-8

*Case study X2 X6

*UPYradinq Hydrovisbreaking

*Refining Naphtha hydrotreating

plus

OIStilldte hydrocracking

Purchases, BPSO

Crude 7,500 7,500

Cutter stock 500 500

Bunker fuel

Products, BPSO JP-4 JP-8

j p-_ 7,165 4,842

Butane 1,170 860

Gasol ine/ndphthd 2,200

No. 2 fuel

Resid 117 116

Other, TPD

Coke

Sulfur 21.4 19.8

Anuionia 5.2 5.2

*Aviation fuel yield, vol. % crude 95.5 64.6

Overall thermal efficiency, % 84.2 81.8
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TABLE 22

MATERIAL BALANCE SUMMARY FOR

PROCESSING BITUMEN FROM UTAH

Case Study B3 X3

Upgrading Delayed Hydro-

Coking visbreaking

Refining Naphtha hydrotreating

plus

Distillate hydrocracking

Purchases, BPSD

Crude 7,500 7,500

Cutter stock -375

Bunker fuel 300 310

Products, BPSD

3 P- 4 6,320 7,640

Butane 1,203 1,024

Gasol ine/naphtha

No. 2 fuel

Resid

Other, TPD

Coke 189

Sulfur 6.5 10.8

Amu~oniad 4.0 11.6

Aviation fuel yield, vol. %crude 84.3 101.9

Overdli thermal efficiency, % 86.4 84.4

-121-

. . . . . .



TABLE 23

MATERIAL BALANCE SUMMARY FOR

PROCESSING HEAVY CRUDE OIL FROM CALIFORNIA

Case study B4 X4 Y4
Upgrading Delayed Hydro- ART

Coking visbreaking

Refining . ~ Naphtha hydrotreating

plus

<- Distillate hydrocracking

Purchases, BPSD

Crude 50,000 50,000 50,000

Cutter stock - 3,516 2,135
Bunker fuel 3,856 -

Products, BPSD

JP-4 45,114 46,106 3Q,017

Butane 7,511 5,850 6,490

Gd5ol ine/naphthd

No. 2 fuel

Resid 169 4,686

Other, IPO

Coke 508 -

Sulfur 307 345 296
Ammuonia 17.7 42.2 36.6

Aviation fuel yield, vol. % crude 90.2 92.2 78.0

*Overall thermal efficiency, % 82.8 79.3 79.8
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TABLE 24

MATERIAL BALANCE SUMMARY FOR

PROCESSING ALTERNATIVES -- HEAVY CRUDE OIL FROM CALIFORNIA

Case study X4 X5 X4A X4B

Upgrading Hydrovisbreaking .... > Severe

Hydrovis-

breaking

Refining Naphtha hydrotreating

plus

Hydro- FCC Hydro- Hydro-

cracking cracking & cracking

POX

Purchases, BPSD

Crude 50,000 50,000 50,000 50,000

Cutter stock 3,516 - - 2,608

Bunker fuel - - 3,036 2,237

Products, BPSD

JP-4 46,106 22,374 46,106 47,358

Butane 5,850 2,079 5,850 6,142

Gasoline/naphtha - 7,060 - -

No. 2 fuel 14,210 -

Resid 169 2,270 -

Other, TPO

Coke .

Sulfur 345 310 385 356

Ammonia 42.2 37.0 42.2 45.0

Aviation fuel yield, vol. % crude 92.2 44.8 92.2 94.7

Overall thermal efficiency, % 79.3 83.4 79.6 79.3
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TABLE 25

SUMMARY UTILITY REQUIREMENTS

Case Refinery Steam Electric Cooling Boiler feed,

study firing boilers power tower condensate

water

___MM BTU/hr M lb/hr KW GPM M lb/hr

Bi 160.8 34.21 4463 1307 38.1

B2 166.4 25.10 4546 1294 38.5

*B3 165.6 32.70 4465 1302 38.7

B 4 1252 359.2 31054 11750 256.7

xi 214.3 44.58 6130 1600 51.5

X2 213.6 44.21 6114 1600 51.4
X6 200.8 53.50 5751 1527 47.3

X3 220.2 55.73 5975 1892 54.1

X4 1328 519.4 37020 14797 271.7

*X4A 862.5 444.1 36185 19760 295.0

X4B 1351 530.6 38127 15183 277.5

X5 1005 448.7 19766 8500 185.5

Y2 87.4 20.61 3500 3924 65.6

'(4 892.6 450.2 33400 19190 330.6

Zi 219.7 52.6 9115 2773 48.6
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TABLE 26

ECONOMIC BASES

Capital Investment

Plant Location: Salt Lake City, Utah

Refinery capacity: - 7,500 BPSD bitumen, or
- 50,000 BPSD heavy oil

Cost base: 3rd quarter 1983

"" Plant offsites: - 80% plant onsites (excluding tankage) for
the bitumen refinery

- 45% plant onsites (excluding tankage) for
the heavy oil refinery

Tankage: - 14 days crude storage capacity
- days products storage capacity

Financing: - 100% equity
- three-year plant construction period

25% Ist year
50% 2nd year
25% 3rd year

Investment tax credit: 10% first year

Working Capital

" Crude inventory: - 21 days storage capacity
- 14 days Inventory

Product Inventory: - 14 days storage capacity
- 7 day inventory

- Feedstock price: $25/bbl. (bitumen or heavy oil)

. Product prices: - for revenue purposes, all liquid
transportation fuels (gasoline,
JP-4, JP-8, OF-2) at equal value
as calculated for 15% DCF rate of
return.

- for working capital estimates, use
$65/bbl. for bitumen refinery and
$45/bbl. for heavy oil refinery.

- fuel gas $25/FOE bbl.
- propane $21/bbl.
- isobutane $31/bbl.
- normal butane $29/bbl.
- propylene $33/bbl.
- coke $20/short ton
- ammonia, anhydrous $110/short ton
- sulfur $110/short ton
- residual fuel oil $25/bbl.
- cutter stock $35.50/bbl.
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TABLE 26 (Cont'd)

ECONOMIC BASES

Debt Financing: 15% (Including the cost of Initial catalyst
loading for those units with expected
catalyst list of two years or less).

Capital Return

Discounted cash flow rate: 15%

Plant salvage value: Zero

Plant depreciation: 5 years accelerated cost recovery
system

Operating Basis

Plant life: 16 years

Plant operating factors: 50% capacity 1st year

Plant on-stream factor: 90% after 1st year

Start-up costs: 10% of fixed capital

* Operating Cost Basis

Process heat: $25/FOE bbl.

. Cooling water: 7(/1000 gallons

.. Boiler feed water: 40f/1000 pounds

Electricity: 5/KWHR

Steam: costed from simple sum of enthalpy over 60°F
base @ FOE plus cost of boiler feed water

* Operator:' $15/manhour

Helpers:' $14/manhour

Supervision:' 25% of direct labor

Overhead: 100% of direct labor

" Taxes: federal and state combined @ 50%

Maintenance, local taxes,
and Insurance: 4.5% of fixed capital

' 4.2 shift positions plus 10% relief required for continuous plant
operation.
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TABLE 21

COSTS FOR PROCESSING BITUM4EN FROM NEW MEXICO

Basis: 1,500 BPSD Refinery

Case study Bi X1 Zi

Ref inery scheme

Upgrading Delayed Hlydro- Residuum

Coking visbreaking Hydrotreating

Refining <---- Naphtha hydrotreating -- >

<-- - Distillate hydrocracking---->

Other

Plant capital.,M

Battery limits 130.8 138.2 158.0

Off-sites 104.6 110.5 126.4

Tankage 14.1 15.9 14.8

Total fixed capital 250.1 264.6 299.2

Working Capital 6.3 1.0 9.6

Total capital 256.4 211.6 308.8

Star-t-up Cost (1st year) 25.0 26.5 29.9

Ouet-dting costs. $MM/Yr.'
feedstock 61.6 61.6 61.6

Util ities 3.6 8.4 3.8

Labor, supervision, maintenance 7.2 7.8 8.6

Catalyst, chemicals, interest 1.9 2.2 3.7
Total 74.3 80.0 17.7

Fuel costs, $/bbl 10.5 65.5 76.6

f/gal 1.68 1.56 1.82

Excluding start-up year.
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L TABLE 28

COSTS FOR PROCESSING BITUMEN FROM KENTUCKY

Basis: 7,500 BPSD Refinery

case study B2 X2 Y2

Refinery scheme

*Upgrading Delayed Hydro- ART

Coking visbredking

* Refining <Naphtha hydrotreating -- f

-- Distillate hydrocracking-

Other-

* Plant capital, IMM

*Battery limits 120.4 134.9 114.9

*Off-sites 96.3 107.9 91.9

*Tankage 15.3 15.9 14.2

Total fixed Capital 232.0 258.7 221.0

Working Capital 6.6 7.1 7.1

Total Capital 238.6 265.8 228.1

*Start-up Cost (1st year') 23.2 25.9 22.1

Operating costs, $MM/yr.'

Feedstock 61.6 61.6 61.6

Utilities 5.7 8.8 3.6

Labor-, supervision, maintenance 6.8 1.6 6.6

Catalyst, chemicals, Interest 1.9 2.2 4.7

Total 76.0 80.2 76.5

Fuel costs, $/bbl 63.1 63.6 79.1

9/gal 1.50 1.51 1.90

Excluding Stdrt-up year.
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TABLE 29

COST COMPARISON FOR PROCESSING KENTUCKY BITUM4EN

TO JP-4 OR JP-8

Basis: 7,500 BPSD Refinery

Case study X2 X6

Refinery scheme

tpgrdd ing Hydrovisbreaking

Refining Naphtha hydrotredting

Distillate hydrocracking

Other JP-4 case JP-8 case

Plant capital. $MM

Battery limits 134.9 135.5

Off-sites 107.9 108.4

Tankage 15.9 15.3

Total fixed Capital 258.7 259.2

Working Capital 1.1 1.0

Total Cdpitdl 265.8 266.2

Star-t-up Cost (1st yedr) 25.9 25.9

Operating costs. $14M/vr. 1

feedstock 61.6 61.6

Util ities 8.8 8.4

Labor, supervision, maintenance 7.6 7.6

CatalySt, chemicals, interest 2.2 1.8

Total 80.2 19.4

Fuel costs, $/bbl 63.6 66.0

f/gal 1.51 1.57

Excluding start-up year.
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TABLE 30

COSTS FOR PROCESSING BITUMEN FROM UTAH

Basis: 1,500 BPSD Refinery

Case study B3 x3

* Refinery scheme

*Upgrading Delayed Hydro-

Coking visbreaking

Refining Naphtha hydrotreating

Distillate hydrocracking

Other

Plant capitdl, $MM

*Battery limits 116.9 121.1

*Off-sites 93.5 96.9

*Tankage 15.0 15.9

Total fixed Capital 225.4 233.9

Working Capital 6.5 1.3

* ltal capital 231.9 241.2

Start-up cost (1st yedr) 22.5 23.4

* Operating costs. $MM/yr. 1

*feedstock 61.6 61.6

Utilities 4.4 9.5

*Labor, supervision, maintenance 6.6 7.0

Catalyst, chemicals, interest 2.3 2.4

Total 14.9 80.5

Fuel costs. S/bbl 64.2 57.4

0/ga1 1.53 1.37

* Excluding start-up year.
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TABLE 31

COSTS FOR PROCESSING HEAVY CRUDE OIL FROM CALIFORNIA

Basis: 50,000 BPSD Ref inery

Case study B4 X4 Y4

Ref inery scheme

Upgrading' Delayed Hydro- ART

Coking visbreaking

Refining - Naphtha hydrotreating--

Distillate hydrocracking

Other

Plant capital. $MM

Battery limits 450.7 457.3 451.8

Off-sites 202.8 205.8 203.3

lankage 65.8 62.1 63.3
Total fixed Capital 719.3 725.8 118.4

Working Capital 39.4 39.7 36.7

Total Capital 758.7 765.5 155.1

Start-up cost (1st year) 11.9 72.6 71.8

Operating costs. $MM/_yr. 2

Feedstock 410.6 410.6 410.6

Utilities 45.1 56.8 39.7

Labor, supervision, maintenance 24.0 24.3 24.1

Catalyst, chemicals, interest 14.5 14.8 24.0

Total 494.2 506.5 498.4

Fuel costs, $/bbl 44.6 44.5 49.0

9/gal 1.06 1.06 1.17

Charge to upgrader Is atmospheric crude tower bottoms fraction (>650*F)

Excluding start-up year.
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TABLE 32

COST COMPARISON FOR PROCESSING OPTIONS IN CONVERTING

CALIFORNIA HEAVY CRUDE OIL

Basis: 50,000 BPSD Refinery

Case study B4 X4 Y4 X4B

Refinery scheme

Upgrading '  Hydrovisbreaking-- Severe

HVB'G.

Refining Naphtha HI Naphtha HT Naphtha HT Naphtha HT

Distillate HC Distillate HC Distillate HC Distillate HC

Other FCC POX -

Plant capital. $MM

Battery limits 457.3 437.7 500.4 468.0

Off-sites 205.8 197.0 225.2 210.6

ldnkage 62.7 59.8 62.1 64.7

Total fixed capital 725.8 694.5 787.7 743.3

Working Cdpitdl 39.7 33.7 39.0 41.2

Totdl capital 765.5 728.2 826.7 784.5

Ist year start-up cost 72.6 69.5 78.8 74.3

Operating costs, $MM/yr. 2

Feedstock 410.6 410.6 410.6 410.6

Utilities 56.9 8.1 40.9 65.2

Labor, supervision,

maintenance 24.3 23.4 26.3 24.9

Catalyst, chemicals,

interest 14.8 7.8 14.6 15.4

Total 506.6 449.9 492.4 516.1

Fuel costs, $/bbl 44.5 44.5 44.8 44.2

¢Igal 1.06 1.06 1.07 1.05

' Charge to upgrader Is atmospheric crude tower bottoms fraction (>6500 F)
Excluding start-up year.
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TABLE A

PROPERTIES OF SANTA MARIA VALLEY WHOLE CRUDE

Physical Properties

API graVity 11.5
Sp. gravity 60/60 0.950

Distillation, OF @ __

I BP 122
5 212
10 219
20 414
30 560
40 109
50 814

EP 10000 @ 58%

Conradson carbon, wt.% 6.8

Chemical analysis, by weight

Carbon, %
Hydrogen, %
Nitrogen, % 0.67
Oxygen, %
Sulfur, % 4.62
H/C dtOMic ratio

Ash, % 0.03k-
Nickel, ppm 121
Vanadium, ppm 65.1
Iron, ppm 791

Hydrocarbon composition

Saturates
Aromat iCS
Polar aromatics 11.51
Asphaltenes 10.01

Source: Reference 7

'Values estimated, based on simlar California crude oils.
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TABLE B-1

ESTIMATED DELAYED COKING DATA FOR PROCESSING

SANTA ROSA (NEW MEXICO) BITUMEN

Basis: Commercial coking operation using Sun Tech's delayed coker mathematical
model. Data applicable to Case Bi.

Coker operating conditions:

Feed Santa Rosa bitumen, as received
Fresh bitumen feed rate, BPSO 7,500
Steam rate, lbs. per hour 1,267
No. of coker pairs 1
Heater outlet temperature, °F 900
Drum outlet temperdture, *F 815
Drum pressure, psig 28.3

Material balance, % feed

Reactants: Wt. % Products: Wt. Vol. %

H2S 0.6
C3 & lighter 8.0 -
Butane - 2.6 4.6
Cs+ liquid/API gray. 100/8.5 68.1/29.7 77.9

Coke 20.7 -

Total 100 100.0 82.5

Distribution of liquid products, % feed

Boiling range. OF Wt. % Vol. %

Cs- 490 18.8 24.2
490 - 900 49.3 53.7

Iotal 68.1 77.9

-137-



TABLE B-1 (Continued)

ESTIMATED DELAYED COKING DATA FOR PROCESSING

SANTA ROSA (NEW MEXICO) BITUMEN

Inspections and analyses of products

1-490OF 490-900OF Coke

Specific gravity @ 60OF 0.786 0.928
API gravity @ 60*F 48.4 20.9

Sulfur, wt. % 1.14 1.53 3.13
Nitrogen, wt. % 0.05 0.14 1.12
Asphaltenes, % 0 4

Aromatics, % 18 45
Paraffins, %
Ndphthenes, %
Olefins, % 42

Distillation, *F @ __Vol. %

IBP 140 477
10 271 515
30 332 612
50 312 658
70 399 727
90 441 835
FBP 492 903
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TABLE B-2

ESTIMATED DELAYED COKING DATA FOR PROCESSING

KENSYNTAR (KENTUCKY) BITUMEN

Bdsis: Commercial coking operation using Sun Tech's delayed coker mathematical
model. Data dpplicable to Case B2.

Coker operating conditions:

Feed Kensyntar bitumen, as received
Fresh bitumen feed rate, BPSD 7,500
Steam rate, lbs. per hour 1,267
No. of coker pairs 1
Heater outlet temperature, OF 900
Drum outlet temperature, OF 815
Drum pressure, psig 28.3

Material balance, % feed

Reactants: Wt. % Products: W Vol. %

H2S 0.4
C3 & lighter, 5.7 -
Butane - 1.8 3.1
Cst liquid/API gray. 100/9.2 75.0/28.9 85.5

Coke 17.1 -

Total 100 100.0 88.6

Distribution of liquid products, % feed

Boiling range. OF Wt. % Vol. %

Cs- 490 23.3 29.4
490 - 900 51.7 56.1

Total 75.0 85.5
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TABLE B-2 (Continued)

ESTIMATED DELAYED COKING DATA FOR PROCESSING

KENSYNTAR (KENTUCKY) BITUMEN

Inspections and analyses of products

I-49OF 490-900OF Coke

Specific Gravity @ 60OF 0.79? 0.927
API gravity @ 60OF 46.0 21.1

Sulfur" wt. % 0.66 1.04 2.68
Nitrogen, wt. % 0.07 0.22 2.28
Asphaltenes, % 0 3

Aromnatics, % 28 50
Paraffins, %
Ndphthenes, % --

Olefins, % 40

Distillation, OF @ __Vol. %

IBP 150 475
10 287 575
30 342 612
50 380 659
70 407 715
90 445 832
FBP 497 897
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TABLE B-3

ESTIMATED DELAYED COKING DATA FOR PROCESSING

P. R. SPRING (UTAH) BITUMEN

Basis: Commercial coking operation using Sun Tech's delayed coker mathematical
model. Data applicable to Case B3.

Coker operating conditions:

Feed Utah bitumen, as received
Fresh bitumen feed rate, BPSD 7,500
Steam rate, lbs. per hour 1,267
No. of coker pairs 1
Heater outlet temperature, *F 900
Drum outlet temperature, *F 815
Drum pressure, psig 28.3

Material balance, % feed

Reactants: Wt- Products: Wt._ Vol.

H2S 0.2
C3 & lighter 7.4 -
Butane - 2.3 4.0
Cs+ liquid/API gray. 100/10.3 72.4/28.7 81.8

Coke - 17.1 -

Total 100 100.0 85.8

Distribution of liquid products, % feed

Boiling range, OF Wt. Vol. %

Cs -490 23.8 29.9
490 - 900 48.6 51.9

Total 72.4 81.8
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TABLE 0-3 (Continued)

ESTIMATED DELAYED COKING DATA FOR PROCESSING

P. R. SPRING (UTAH) BITUMEN

Inspections and dnalyses of products

1-490OF 490-900OF Coke

Specific gravity @ 60*F 0.794 0.935
API gravity @ 60OF 46.6 19.8

Sulfur, wt. % 0.32 0.54 1.27
Nitrogen, wt. % 0.13 0.45 4.24
Asphaltenes, % 0 4

AromatIcs, % 25 54
Pardffins, %
Naphthenes, % --

Olefins, % 41 -

Distillation, OF @__Vol. %

IBP 145 481
10 265 583
30 336 618
50 380 666
10 408 723
90 446 833
FBP 502 902
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TABLE B-4

ESTIMATED DELAYED COKING DATA FOR PROCESSING

SANTA MARIA VALLEY (CALIFORNIA) CRUDE

Basis: Commercial coking operation using Sun Tech's delayed coker mathematical
model. Data applicable to Case B4. when processing only the 650*F+

bottoms fraction of the whole crude.'

Coker operating conditions:

Feed 650*F+ from Santa Maria Valley crude
Fresh feed rate, BPSD 31,900
Steam rate, lbs. per hour 5,390
No. of coker pdrs 2
Heater outlet temperature, *F 900
Drum outlet temperature, *F 815
Drum pressure, psig 28.3

Material balance, % Feed

Reactants: Wt. % Products: Wt._ Vol. %

H2S 1.6
Ca & lighter 5.6 -
Butane - 2.1 3.9
Cs, liquid/API grav. 100/6.2 73.7/27.0 85.0

Coke 17.0 _

Total 100 100.0 88.9

Distribution of liquid products, % feed

Boiling range. OF t Vol. %

Cs 490 23.7 30.4
490 - 900 50.0 54.6

Total 73.7 85.0

650*F bottoms fraction represents 63.8 volume %, or 69.0 weight %,

of the whole crude.
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TABLE 0-.4 (Continued)

ESTIMATED DELAYED COKING DATA FOR PROCESSING

SANTA MARIA VALLEY (CALIFORNIA) CRUDE

Inspections and analyses of products

1-490OF 490-900OF Coke

Specific gravity @D 60*F 0.803 0.943
API gravity @D 60*F 44.7 18.5

Sulfur, wt. % 2.54 4.22 10.64
Nitrogen, wt. % 0.12 0.42 4.19
Asphaltenes, % - -

Aromatics, % 34 60
Pdraffins, % - -

Ndphthenes, % --

Olef ins, % 41

Distilldtion, *F GD__Vol. %

lop 142 510
10 265 516
30 315 613
50 363 661
70 395 119
90 428 804
FBP 497 903
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TABLE C-1

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

SANTA ROSA (NEW MEXICO) BITUMEN

Basis: Unpublished laboratory and pilot plant studies, to achieve~
10 volume % 1000°F+ residue in product. Data applicable to Case X1.

Reactor operating conditions:

Feed Santa Rosa bitumen, as received
Fresh feed rate, BPSD 7,500
Average temperdture, OF 825
Liquid hourly space vel., v/hr/v 0.73
Average residence time, hrs. 1.37

Totdl pressure, psig 2,500
Recycle gas rate, SCF/bbl 5,000
Hydrogen consumption, SCF/bbl 825

Material balance. % feed

Reactants: Wt. % Products: Wt. % Vol. %

H2 1.2 - -
H2S - 1.2 -
NH3 0.1
H20 0.4 -
C3 & lighter 5.2 -
C4+ liquid/API gray. 100.0/8.5 94.3/22.5 103.7

Total 101.2 101.2 103.7

Distribution of liquid products,. % feed

Boiling range, OF . Vol.

C4 - 490 22.1 26.7
490 - 1000 59.9 66.7
1000°F+ 12.3 10.3

Total 94.3 103.7
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TABLE C-1 (Continued)

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

SANTA ROSA (NEW MEXICO) BITUMEN

Inspections and analyses of products

C4+ product 1-4909F 490-IOOO0F 1000*F+

Specific gravity @ 60*F 0.919 0.828 0.898 >1.20
API gravity @ 60*F 22.5 39.5 26.1 <-10

Sulfur, wt. % 1.06 0.32 0.81 3.33
Nitrogen, wt. % 0.19 0.04 0.11 0.88
Carbon residue, wt. % 5.3 -

Asphaltenes, % 9.9 - - 80

Aromatics, % - 26 61
Paraffins, % - 44 21 -

Naphthenes, % - 19 10
Olef ins, % - 11 2

Distillation, OF @__Vol. %

IBP 150 135 500
10 349 210 559
30 493 333 620
50 611 314 691
70 152 413 161
90 1000 456 871
FBP - 488
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TABLE C-2

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

KENSYNTAR (KENTUCKY) BITUMEN

Basis: Unpublished laboratory and pilot plant studies, to achieve ~
10 volume % 1000F+ residue in product. Data applicable to Cases
X2 and X6.

Reactor operating conditions:

Feed Kensyntar bitumen, as received
Fresh feed rate, BPSD 7,500
Average temperature, OF 825
Liquid hourly space vel., v/hr/v 0.83
Average residence time, hrs. 1.21

Total pressure, psig 2,500
Recycle gas rate, SCF/bbl 5,000
Hydrogen consumption, SCF/bbl 820

Material balance, % feed

Reactants: Wt. % Products: Wt. % Vol. %

H2 1.2 - -
H2S - 0.9 -

NH3 0.2
H20 1.1 -

C3 & lighter 5.2 -
C4+ liquid/API gray. 100.0/9.2 93.8/23.1 102.5

Tutdl 101.2 101.2 102.5

Distribution of liquid products, % feed

Boiling range, OF Wt. % Vol. %

C4 - 490 21.4 26.7
490 - 1000 60.8 66.1
1000F+ 11.6 9.7

Total 93.8 102.5
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TABLE C-2 (Continued)

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

KENSYNTAR (KENTUCKY) BITUMEN

Inspections and analyses of products

C4+ product I-490°F 490-1000°F 10000 F+

Specific gravity @ 60°F 0.915 0.800 0.920 >1.20
API gravity @ 60°F 23.1 45.4 22.3 <-10

Sulfur, wt. % 0.76 0.28 0.57 3.00
Nitrogen, wt. % 0.33 0.19 0.18 1.79
Carbon residue, wt. % 6.8 - - -
Asphaltenes, % 9.3 - - 75

Aromatics, % - 25 61 -
Paraffins, % - 44 27 -
Naphthenes, % - 20 10 -
Olefins, % - 11 2 -

Distillation. OF @ __Vol. %

IBP 150 140 500
10 332 249 585
30 472 291 659
50 595 335 725
70 729 371 796
90 979 436 891
FBP 1060 485 -
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TABLE C-3

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

P. R. SPRING (UTAH) BITUMEN

Basis: Unpublished laboratory and pilot plant studies, to achieve -
10 volume % 1000°F+ residue in product. Data applicable to Case X3.

Reactor operating conditions:

Feed Utah bitumen, as received
Fresh feed rate, BPSD 7,500
Average temperature, °F 825
Liquid hourly space vel., v/hr-/v 0.62
Average residence time, hrs. 1.62

Total pressure, psig 2,500
Recycle gas rate, SCF/bbl 5,000
Hydrogen consumption, SCF/bbl 915

Material balance, % feed

Reactants: Wt. % Products: Wt. % Vol.

H2 1.4 - -
H2S - 0.5 -
NHa 0.5
H20 0.6 -
Cs & lighter 5.9 -

C4+ liquid/API gray. 100.0/10.3 93.9/27.0 105.3

Total 101.4 101.4 105.3

Distribution of liquid products, %j feed

Boiling range, 0 F Wt. Vol. %

C4 - 490 35.9 44.8
490 - 1000 50.7 54.4
1000°F+ 7.3 6.1

Total 93.9 105.3
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TABLE C-3 (Continued)

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

P. R. SPRING (UTAH) BITUMEN

Inspections and analyses of Products

C4+ product I-490OF 490-IOOOOF 1000*F+

Specific gravity @ 60*F 0.893 0.801 0.931 >1.20
API gravity @ 60OF 27.0 45.1 20.5 <-10

Sulfur, wt. % 0.32 0.11 0.39 0.86
Nitrogen, wt. % 0.60 0.18 0.44 3.1
Cdrbon residue, wt. % 5.0 - - -

Asphaltenes, % 5.5 - - 70

AromatiCS, % - 35 60 -

Paraffins, % - 25 20 -

Naphthenes, % - 26 10 -

Olef ins, % - 14 10 -

Distillation, *F @ __vol. %

IBP 130 125 500
10 286 235 620
30 420 274 694
50 531 316 762
70 648 349 832
90 868 414 906
FBP 1000 480
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TABLE C-4

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

SANTA MARIA VALLEY (CALIFORNIA) CRUDE

Basis: Unpublished laboratory and pilot plant studies, to achieve ~
15 volume % 10000 F+ residue in product. Data applicable to Cases
X4 and X4A, when processing only the 650*F+ bottoms fraction of the
whole crude.'

Reactor operating conditions:

Feed 650*F + from Santa Maria Valley crude
Fresh feed rate, BPSD 31,900
Average temperature, *F 825
Liquid hourly space vel., v/hr/v 0.82
Average residence time, hrs. 1.22

Total pressure, psig 2,500
Recycle gas rate, SCF/bbl 5,000
Hydrogen consumption, SCF/bbl 820

Material balance, % feed

Reactants: Wt. % Products: Wt. % Vol. %

H2 1.2 -
H2S - 3.7
N13- 0.4
H20 -
C3 & lighter 5.1 -

C4+ liquid/API gray. 100.0/6.2 92.0/19.7 101.0

Total 101.2 101.2 101.0

Distribution of liquid products, % feed

Boiling range. OF Wt._j Vol. %

C4 - 490 21.6 27.0
490 - 1000 54.6 60.0
1000F+ 15.8 14.0

Total 92.0 101.0

650°Ft bottoms fraction represents 63.8 volume %, or 69.0 weight %, of
whole crude.
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TABLE C-4 (Continued)

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

SANTA MARIA VALLEY (CALIFORNIA) CRUDE

Inspections and analyses of products

C.' Droduct 1-490OF 490-IOOOOF lOOO0F+

Specific gravity @ 60OF 0.936 0.822 0.910 1.125
API gravity @ 60*F 19.7 40.7 24.0 -5.7

Sulfur, wt. % 2.78 0.83 2.23 7.17
Nitrogen, wt. % 0.62 0.13 0.34 2.24
Carbon residue, wt. % 4.2 - - -

Asphaltenes, % 7.1 - - 41

Aromatics, % - 30 60 -

Paraffins, % - 30 10 -

Naphthenes, % - 30 25 -

Olefins, % - 10 5 -

Distillation, OF @ vol. %

IBP 150 135 500
10 365 265 568
30 512 327 630
50 637 364 699
70 784 404 769
90 1055 449 873
FBP - 485
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TABLE C-5

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

SANTA MARIA VALLEY (CALIFORNIA) CRUDE

Basis: Unpublished laboratory and pilot plant studies, to achieve ~
10 volume % 1000°F+ residue in product. Data applicable to case
X4B, when processing only the 650*F + bottoms fraction of the
whole crude.'

Reactor operating conditions:

Feed 650 °F+ from Santa Maria Valley crude
Fresh feed rate, BPSD 31,900
Average temperature, °F 825
Liquid hourly space vel., v/hr/v 0.82
Average residence time, hrs. 1.22

Total pressure, psig 2,500
Recycle gas rate, SCF/B charge 5,000
Hydrogen consumption 820

Material balance, % feed

Reactants: Wt. % Products: Wt. % Vol. %

H2 1.2 -
H2S - 3.7
NH3 0.4
H20 -
C3 & lighter - 5.1 -
C4+ liquid/API gray. 100.0/6.2 92.0/19.7 101.0

Total 101.2 101.2 101.0

Distribution of liquid products, % feed

Boiling range. OF Wt. % Vol. %

C4 - 490 21.6 27.0
490 - 1000 59.0 60.0
10000F+ 11.4 14.0

Total 92.0 101.0

650°F+ bottoms fraction represents 63.8 volume %, or 69.0 weight %, of

whole crude.

-153-

% ...................................... .. .. ..



TABLE C-5 (Continued)

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

SANTA MARIA VALLEY (CALIFORNIA) CRUDE

Inspections and analyses of products

C4+ product 1-490*F 490-1000°F 1000°F+

Specific gravity @ 60°F 0.936 0.822 0.910 1.125
API gravity @ 60*F 19.7 40.7 24.0 -5.7

Sulfur, wt. % 2.78 0.83 2.23 7.17
Nitrogen, wt. % 0.62 0.13 0.34 2.24
Carbon residue, wt. % 4.2 - - -

Asphaltenes, % 7.1 - - 41

Aromatics, % - 30 60 -
Paraffins, % - 30 10 -
Naphthenes, % - 30 25 -

Olefins, % - 10 5 -

Distillation, OF @ __ vol. %

IBP 150 135 500
10 365 265 568
30 512 327 630
50 637 364 699
70 784 404 769
90 1055 449 873
FBP - 485 -
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TABLE C-6

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

SANTA MARIA VALLEY (CALIFORNIA) CRUDE

Basis: Unpublished laboratory and pilot plant studies, to achieve ~
10 volume % 1050F+ residue in product. Data applicable to Cases
X5, when processing only the 650 F+ bottoms fraction of the
whole crude.'

Reactor operating conditions:

Feed 650*Ff from Santa Maria Valley crude
Fresh feed rate, BPSD 31,900
Average temperature, *F 825
Liquid hourly space vel., v/hr/v 0.82
Averdge residence time, hrs. 1.22

Total pressure, psig 2,500
Recycle gas rate, SCF/bbl 5,000
Hydrogen consumption, SCF/bbl 820

Material Balance, % feed

Reactants: Wt. % Products: Wt. Vol.

H2 1.2 -
H2S - 3.7
NH3 0.4
H20 -
C3 & lighter 5.1 -
C4+ liquid/API gray. 100.0/6.2 92.0/19.7 101.0

Total 101.2 101.2 101.0

Distribution of liquid products, % feed

Boiling range, OF wt- % Vol. %

C4 - 490 21.6 27.0
490 - 1050 57.9 62.9
1050*F+ 12.5 11.1

Total 92.0 101.0

650*F* bottoms fraction represents 63.8 volume %, or 69.0 weight %, of

whole crude.
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1ABLE C-6 (Continued)

ESTIMATED HYDROVISBREAKING DATA FOR PROCESSING

SANTA MARIA VALLEY (CALIFORNIA) CRUDE

Inspections and analyses of products

C4+ product 1-4909F 490-1050°F 1050*F+

Specific gravity @ 60°F 0.936 0.822 0.930 1.131
API gravity @ 60OF 19.7 40.7 20.7 -6.4

Sulfur, wt. % 2.78 0.83 2.31 8.49
Nitrogen, wt. % 0.62 0.13 0.38 2.61
Carbon residue, wt. % 4.2 -

Asphaltenes, % 7.1 - 52

Aromwtics, % - 30 61 -
Paraffins, % - 30 10
Naphthenes, % - 30 25
Oleflns, % - 10 4

Distillation, °F @ vol. %

IBP 150 135 500
10 365 265 577
30 512 327 643
50 637 364 708
70 784 404 783
90 1055 449 915
FBP - 485 992
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TABLE D-l

ESTIMATED ASPHALT RESIDUAL TREATING (ART) DATA FOR PROCESSING

KENSYNTAR (KENTUCKY) BITUMEN

Basis. Vendor-supplied estimates. Data applicable to Case Y2.

Reac tor operating conditions:

Feed Kensyntar bitumen, as received
Fresh feed rate, BPSD 1,500
ARTCAT'm consumption, #/bbl feed 3.30
Flue gas, mol. % dry basis 11.8 C02, 1.0 02, 0.3 SOx

Material balance. % feed

Reactants: wt. % Products: w. ~ Vol. %

H 2S 0.4
C2 & lighter 2.4
Cg's -1.3 2.5
C. '5 0.8 1.3
Cst liquId/API gray. 100/9.2 83.7/16.4 88.0
Coke burned ____ 11.4

Total 100.2 100.0 91.8

Distribution of liquid products. % feed

Boiling range,~ *Fwt. % Vol. %

Cs - 490 17.6 21.6
490 - 1000 37.8 39.9
1000+ 28.3 26.5

Total 83.7 88.0
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TABLE 0-1 (Continued)

ESTIMATED ASPHALT RESIDUA TREATING (ART) DATA FOR PORCESSING

KENSYNTAR (KENTUCKY) BITUMEN

Inspections and analyses of products

Cs - 490*F 490-10000F 1000*F+

Specific gravity @ 60*F 0.822 0.953 1.01
API gravity @ 60*F 40.1 11.0 0.6

Sulfur, wt. % 0.11 0.65 1.21
Nitrogen, wt. % 0.02 0.15 0.81
Carbon residue, wt. % -0.1 14.3
Other - 2 -2

Aromatics, % 39
Paraffins, %
Naphthenes, %
Olef ins, % 46

Distillation, OF @ __Vol. %

IBP 154 554
10 184 588
30 253 677
50 313 160
70 312 841
90 423 918
FBP 448 954

2 Ni + V in the 650*F product Is 20 ppmw
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TABLE 0-2

ESTIMATED ASPHALT RESIDUAL TREATING (ART) DATA FOR PROCESSING

SANTA MARIA VALLEY (CALIFORNIA) CRUDE

BdSiS: Vendor-supplied estimates. Dt applicable to Case Y4 when processing only
the 650*F' bottoms fraction of the whole crude.'

Reactor operating conditions:

Feed 650*F4 from Santa Maria Valley crude
Fresh feed radte, BPSD 31,900
ARTCAT" consumption, #/bbl feed 2.96
Flue gas, mol. % dry basis 16.5 C02, 1.0 02, 1.4 SOx

Material balance. % feed

Reactants: Wt. % Products: wt. % Vol. %

H2S 0.5
C2 & lighter 2.9
C3 'S -1.5 3.5
W4 S 0.9 1.6
Cs+ liquid/API gray. 100/6.2 85.6/12.8 89.7
Coke burned ____ 8.6

Total 100.0 100.0 94.8

Distribution of liquid products. % feed

Boiling range. *F Lt... Vol. %

-s 490 13.2 16.3
490 -650 8.2 9.0
650 -1000 37.8 39.6
1000+ 26.4 24.8

Total 85.6 89.7

6500F+ bottoms fraction represents 63.8 volume %,or 69.0 weight %,of
whole crude.
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TABLE 0-2 (Continued)

ESTIMATED ASPHALT RESIDUA TREATING (ART) DATA FOR PROCESSING

SANTA MARIA VALLEY (CALIFORNIA) CRUDE

Insgections and analyses of products

Cs - 490*F 490-650*F 650-IOOOOF 1000*F+

Specific gravIty @ 60OF 0.835 0.932 0.982 1.093
API gravity @ 60OF 38.0 20.4 12.6 -2.0

Sulfur, wt. % 0.8 2.1 4.6 8.2
Nitrogen, wt. % 0.02 0.08 0.2 1.1
Carbon residue, wt. % - 0.1 1.0 8.3
Other - - -2 -

Aromatics, % 39 - -

Paraffins, %
Naphthenes, %
Olef ins, % 46 - -

Distillation, OF @ __vol. %

18P 151 515 723
10 113 521 759
30 231 539 830
50 294 558 816
10 360 578 915
90 420 598 947
FOP 446 612 969

2 Ni + V In the 6500F+ product is 20 ppnma
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TABLE E

ESTIMATED SEVERE HYDROGENATION DATA FOR PROCESSING

SANTA ROSA (NEW MEXICO) BITUMEN

Basis: Published and unpublished laboratory and pilot plant studies, to
achieve - 50 volume % conversion of the lO000F + fraction in the feeu.
Data applicable to case ZI.

Reactor operating conditions:

Feed Santa Rosa bitumen, as received
Fresh feed rate, BPSD 7,500
Average temperature, *F 625 in R-l; 800 in R-2
Liquid hourly space vel., v/hr/v 0.5 in each (of two) reactor
Total pressure, psig 2,800
Recycle gas rate, SCF/bbl 6,000
Hydrogen consumption, SCF/bbl 1,050

Material balance, % feed

Reactants: Wt. % Products: Wt. Vol. %

Ha 1.6 -
H S - 2.2
NH, 0.2
H20 0.7
C3 & lighter 3.9 -
C4+ liquid/API gray. 100.0/8.5 94.4/26.0 106.2

Total 101.6 101.6 106.2

Distribution of liquid products. % feed

Boiling range. OF Wt. % Vol. %

C4 - 490 14.9 18.3
490- 1000 57.0 65.2
1000F+ 22.5 22.7

Total 94.4 106.2
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TABLE E (Continued)

ESTIMATED SEVERE HYDROGENATION DATA FOR PROCESSING

SANTA ROSA (NEW MEXICO) BITUMEN

Inspections and analyses of products

C4+ Product I-490OF 490-IOOOOF 1000*F+

Specific gravity @ 60*F 0.900 0.824 0.883 1.002
API gravity @ 60*F 26.0 40.2 28.7 9.7

Sulfur, wt. % 0.11 0.03 0.01 0.25
Nitrogen, wt. % 0.11 0.04 0.09 0.19

Distillation, OF @ vol. %

IBP - 82 413 -

10 - 213 520 -

30 - 322 584 -

50 - 354 672 -

70 - 410 701 -

90 - 451 807 -

FBP - 490 1000 -
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GLOSSARY OF TERMS

API gravity an arbitrary specific gravity scale, applied to
petroleum crudes and products, defined as:

°API = (141.5/specific gravity @ 60°F) - 131.5

barrel for petroleum usage, 42 U.S. liquid gallons.

bitumen a naturally-occurring hydrocarbon which is too
viscous to flow at the reservoir conditions.

bunker fuel a high viscosity fuel oil derived from a residual
material. It may be blended with a distillate
fraction to achieve a desired viscosity.

carbon residue the proportion, in weight percent, of a petro-
leum-derived liquid which remains after evapora-
tion and pyrolysis.

centipoise a measure of the dynamic viscosity, or resistive
flow, of a fluid. One poise (P) equals one
dyne-second per centimeter squared.

cutter (stock) a fuel oil blending component used to reduce
viscosity of a residual fuel to a desired level.

cycle oil a portion of fluid catalytic cracking effluent
which is higher boiling than the gasoline or
naphtha fraction.

extraction removal of heavy oil or bitumen from the reser-
voir or deposit; for mined tar sands, also in-
cludes separation of bitumen from mineral.

fuel oil equivalent used to define quantity of fuel gas in terms of
heating value of fuel oil, which is 6.05 million
BTU's per barrel.

gds oil a petroleum distillate fraction; for thiis study,
refers to material higher boiling than (heavy)
naphtha but excludes vacuum residue.

gasifier a facility for the high temperature conversion of
carbonaceous feeds (coal, residua) to synthesis
gas by contact with steam plus air or oxygen.
Oxygen supply is restricted so complete oxidation
to carbon dioxide does not occur.
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GLOSSARY OF TERMS (cont'd)

heavy crude oil crude oil which has a specific gravity less than
200 API and is mobile at reservoir conditions.

heteroatoms used to denote atoms other than carbon and hydro-
gen contained in organic compounds or structures,
usually organic; applied principally to sulfur,
nitrogen and oxygen atoms.

in-situ in place; in this context, within the crude oil
reservoir or tar sand deposit.

JP-4 wide cut, gasoline type aviation turbine fuel
defined by specification MIL-T-5624L.

JP-8 kerosene type aviation turbine fuel defined by
specification rIL-T-83133A.

naphtha a distillate fraction the boiling range of which
falls between those of pentane and gas oil.

overburden that part of the earth's surface which overlays a
deposit of mineral or fossil resource.

partial oxidation see gasifier

refining in this study, refers to the secondary processing
steps which follow upgrading, to produce market-
able products from refinery intermediates.

reserves the amount of fossil hydrocarbon contained within
a deposit that is .alculated or estimated to be
recoverable.

residue synonymous with resid, residua, residuum; the
higher boiling portion of a crude or intermediate
which is not distillable without degradation; a
long resid refers to tower bottoms from distilla-
tion at atmospheric pressure; a short resid, to
bottoms from vacuum distillation.

resource the total amount of fossil hydrocarbon contained
within a deposit, without regard to recover-
ability.
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GLOSSARY OF TERMS (Concluded)

Saybolt Furol Seconds the units employed in a non-fundamental system
for expressing the flow characteristics of a high
viscosity petroleum product such as a blended
bunker fuel oil.

slurry oil a highly aromatic heavy fraction produced during
*fluid catalytic cracking; provides a means for

returning catalyst slurry to cracking zone when
catalyst disengagement is insufficient; recycle
to extinction generally undesirable so it is
used in heavy fuel blending; also known as decant
oil.

space velocity dn expression of reaction severity, referring to
volume of reactant(s) per volume of reactor
volume per unit time; usual units are reciprocal
hours (hr-1 ).

specific gravity mass per unit volume of a material, compared to
that of a reference material (often water) at
standard conditions (e.g. 60°F).

steam reforming a catalytic process for the steam decomposition
of light hydrocarbons into raw synthesis gas.

straight run refers to a distillate fraction obtained from a
crude oil not previously exposed to conditions
which would produce appreciable change in chem-
ical structure.

syntnetic crude a wide boiling range product stream that has been
subjected to conditions which brought about an
appreciable change in the original cnemical
structure, in one or a combination of processing
steps; also referred to as "syncrude".

tar sands deposits of mineral, whether consolidated (rock-
like) or unconsolidated (sand-like), which have
intimately associated with them a significant
amount of bitumen.

tower bottoms the bottom fraction produced from a distillation
column; depending on its boiling range, it may or
may not be non-distillable, i.e. a residuum.

upgrading in this study, refers to the primary conversion
step in a sequence of processing steps for con-
verting very low quality feedstocks to marketable
products; generally excludes those operations
which do not result in an appreciable change in
chemical structure, such as fractionation, de-
salting.
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LIST OF SYMBOLS AND ABBREVIATIONS

Symbol s

650°F +  above 650°F (as in a fraction boiling above 650°F)

NH3  ammonia

CO2  carbon dioxide

0 cents
°API degrees API

OF degrees Fahrenheit
$ dollars

> 1000°F exceeds 10000F (as in a fraction boiling greater

than 1000°F)

C3  hydrocarbons containing three carbon atoms

C4  hydrocarbons containing four carbon atoms

C5  hydrocarbons containing five carbon atoms

H2  hydrogen

H2S hydrogen sulfide

H/C hydrogen to carbon ratio

percent

# pounds
R-1 reactor number one

R-2 reactor number two

hr-l  reciprocal hours (i.e. 1/hours)

so2  sulfur dioxide

v/hr/v volumes per hour per volume, as in space velocity

Abbreviations

API American Petroleum Institute

ART Asphalt Residual Treating process

bbl barrel

BPD barrels per day
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LIST OF SYMBOLS AND ABBREVIATIONS (Concluded)

BPSD barrels per stream day

B-O-B bottom-of-barrel

BTU British thermal unit

DOD Department of Defense

EP end point

F Fahrenheit

FCC fluid catalytic cracking

FBP final boiling point

FOE fuel oil equivalent

gal. gallons

IBP initial boiling point

init. initial (as in initial boiling point)

LHSV liquid hourly space velocity

MM millions

OPEC Organization of Petroleum Exporting Countries

ppm parts per million

ppmw parts per million by weight

lb. pounds

psig pounds per square inch gauge

RVP Reid vapor pressure

sp. gr. specific gravity

SCF standard cubic feet

SCFD standard cubic feet per day

SCFH standard cubic feet per hour

M thousand

TPD tons per day

USAF United States Air Force

U.S. United States

vol. volume

wt. weight

1/U
I *U.S.* GPO: 646-066*
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